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Abstract

The increase in global carbon dioxide emission fased concers about
climate change. This has caused nations to conditferent carbon dioxide
mitigation pathwag to reduce emissions. The iron and steel industry
contributes to approximately 30% of total global Cdirect emission in the
industrial sector. It is an energy intense industry. Maeglsnills are operating
close tothermodynamic limits in efficiency. Rerefore decarbonising the steel
industry through process improvemeig limited. Breakthragh technologies
such as carbomrapture and storage (CCS) is an alternaawel attractive

solution.

In this research | havexploredthe applicationof a retrofit carbon capture
technology to an existing steel mill. The steel noilosen, combusts gases
arising from the steel making processes. Different locations witthia steé
mill were analysedthe in-housepower station and the turbo blowdrouse

were choseffor retrofit postcombustion carbon capture.

Two different separation technologies wepeocessmodelled to capture the
carbon dioxide from the flue gas of tirehousepower station and theirbo
blower house. The technologies were chemical absorptioadsutption. The

two technologies were techiezonomically studied.

Chemical absorptigrnwith solvent MEA,showed capability of recovering 86%
of CO, with a purity of more than 99 mol%. Adsorption usswbentzeolite
13X was able to achieve 82% recovemjth purity of 96 mol% Sorbent
activated carboshowed a capability of recovering 67% of carbon dioxide with

a purity of 95 mol%.

The cost of C@avoidance for the processing chemical absorption (MEA)

was equal to $44.9®nne CQ For the procesasing adsorption (zeolite 13X)

the CQ avoided cost was equal to $44.90/tonne of.CAXxtivated carbon was

the most expensive capture process, out of the three processes studied. It costs
$45.81/tonne of C@avoidance.
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1 Decarbonising the Steel Industry +CCS

and its Role

The working group assessment report on climate change published by
Intergovernmental Panel on Climate Chan@dexander et al., 20)3has
confirmed that human actions are the principal cause for clinmatege. The
report mentions that the target of limiting the global temperature rise below
2°C, to preindustrial period, is becoming unachievable with the current pace of
greenhousgas (GHG) emissions. There have been drastic changes to weather
conditionsand climate events due to the increase in atmospheric temperature
even below 2. Some parts of the globe are affected by series of heat waves
while others continue to see high rainfall. Significant losses in ice mass in the
hemispheres are visible, caugia rise in global sekevel (Alexander et al.,

2013.

Increasing concerns about climate change is causing us to rethink and strive
to reduce GHG emissions. The synthesis report published by IPCC in 2007
(Bernstein et al., 2007 mentions that 77% of the total atmospheric
anthropogenic GH&is carbon dioxide (Cg), and is considered as the most
important GHG. The annual C@emission has increased by 80% in the last
three to four decadd$EA, 2010. Figure 11 is a replica of the chart showing

the share of anthropogenic GHGs emission in 2004. It is clear that the largest

! Greenhouse gases (GHGs) are atmospheric gases present both as natural and anthropogenic
(produced by humans). They have the capability of absorbing and emitting radiation onto the
HDUWKYV WURSRVSKHUH $Q LQFUHDVH LQ *+ut& ofZtReXOG FD X\
troposphere resulting in an enhanced greenhouse effect.



FRQWULEXWLRQ WR WKH HPLVVLRQ LV GXH WR PD

fuel.

Fossilfuel has been the main source providing primary energy globally. It
has constantly contributed to more than four fifth of the energy share since
1970(IEA, 2014. According to the IEA (International Energy Agency) fossil
fuels contributed 82% of the global total primary energy in J08A, 20120.
7KH ZRUOGYV GHPDQG RQ SULPDU\ HQHUJ\ KDV D
decadeglEA, 2010. This has seen a rise in anthropogenig €Qissions; it is
reported that in 2011 the world experienced a total emission of 31.3 &t CO
With predictions that energy usage would double by 2050, low carbon
technologies needto be impemented on a large scale to offset carbon

emissions.

F-gases

CO2 (other)
2.8%

c0o2
(deforesstation
or decay from
biomass)
17.3%

Figure 1-1: Anthropogenic GHG emissions in 2004Bernstein et al., 200y

% Fossil fuels are hydrocarbons in form of coal, oil or gas. They are resulted from the anaerobic
decomposition of organic compounds millions of years ago. The combustion of fossil fuel
would result in emitting C@as a byproduct.

2



It is agreedpy many experts, that the current trend of emissions without
any hindrance would result in an average global temperature ristCH{iER\,
20123. A worrying prediction after experiencing drastic climate changes
around the globe with globagrperature rise below'@ (Field and Van Aalst,
2014. Global temperaturegise to 6°C would mean devastating changes
causing inhabitants in some part of the world to experience disastrous impact.
Global energy demandcontrolled by energy intense consumer goods and
services humans consume as part of their lifestglexpected talouble by
2050(IEA, 20123. The Energy Technology Perspective published by the IEA
explains; with the current government pledges angdrovements in energy
efficiency the path is leading t@ global temperature rise of@ in the long
term. It is arguable that °C would not be considered as enough to prevent
catastrophic climate events, but IEA mentions itaasoptimistic ambitious
scenario. It requires strict climatbangepoliciesimplemented and substantial
changesto human lifestyle taachieve The window of opportunity to limit
global temperature to°2 is narrowing; the report mentions global £O
emission in 2050 needs to be cut by halthe levels of 2009. This would
require a diverse energy mix, changes to human behaviour andnessgy

intense economglEA, 20123.

The pathway to  or 4C limitation ofrise inglobal temperature would
require three routes to reduce total Cé&nissions; reduction of the carbon
intensity, improve energy efficiency and mitigation bysestrating captured
CO, (Yang et al., R08. To reduce carbon intensjtponfossil fuel energy
such as hydrogen and renewables should fill the global energy mix. Energy

efficiency is a process improvement route that reduces the process energy used,



therefore indirectlyeducing the C@emission. Sequestration of captured €O
known as Carbon Capture and Stofa@CS) can be applied to the current
fossil fuel satuated energy mix to reduce @@mission. This would reduce the
overall CQ emissions from fossil fuel combustion. It can also be applied for
sources using biomass as fumtd thereforevould enable to achieve negative
emissions to the atmosphere if the biomass is obtained sustainably with no
carbon emissiongMetz et al., 200b CCS is considered as an important
process that could be applied globally, and would enable movement towards a
low carbon future. It is considered to be technically feasible and applicable to
large emitting sources sudis industries and power generators. Its global
application depends on its technological maturity, public acceptance, cost to

implement and environmental impdbietz et al., 200b

1.1 Carbon Capture and Storage

The initial stage of CCS involves capturing €@om the processed fossil
fuel or capturing it from the flue gas after combustion. It is then transported by
pipelines or ships to designated storage locations, where it is finally stored for
the long term. Storage of(@ can be achieved by injecting the captured, CO
into deep underground geological formations, or into deep sea. It can also be
stored as inorganic carbonates by industrial fixati©eptured C@can also be
used in manufacturing processes, in which itesesl in the industrial product
(Metz et al., 200p There are three main different approaches that can be

applied for the capturing G post combustion, pre combustion and oxy

% Carbon capture and storage is a process that captures carbon dioxide and stores it, preventing
emissions to the atmosphere. The carbon dioxide is preferably captured from large emitting
sources.
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combustion. The choice of which methoduse varies in accordance to its

application.

1.1.1Postcombustion CO, capture

Post combustion capture involves separating the ft@n flue gas, by
applying a capture technology to capture the €@m the combusted flue gas.
Flue gas contains the products of fossil fuel combustion. Post combustion
process can be applied as a retrofit technology to an existing coal or gas fired
power plant. It can also be applied as a retrofit to the sourcesdimdiust
industrial gasegMetz et al., 200p Figure 12 shows the schematic of the
process flow for capturing using post combustion. There are many different
technologies available that can be used in the €¥paratiorstage. The most
matured and widely used technology is chemical absorption using amines.
There is a good understanding of this technology, because it has been widely
used in natural gas processing for many ydd@ng et al., 2008 Other
technologies such as adsorption and membranes aremiasse, but are
applicable and considered to be less energy consuming in comparison to

chemical absorption.

Figure 1-2: Process flow for post combustiorCO, capture process(Yang et al., 2008
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1.1.2Pre-combustion CO, capture

As the name stateshis process uses technology before combustion to
decarbonise the fuel. It involves fossil fuel reaction with steam or air to obtain
a fuel gas known as synthesis gas (syngas). The syngas mainly consists of
carbon monoxide (CPDand hydrogen (k. The synga is then further
processed through a water gas shéactor, whichconverts the CO in the
syngas to C@and H. The final product stream then undergoes a separation
process in which CQis separated for storage and isl used as fuglMetz et
al., 2005 Wilcox, 2019. The process flowsheet representing-goenbustion

CO; capture is shown in Figured

Figure 1-3: Process flow for precombustionCG, capture procesqYang et al., 2003

The separation of C{ran be achieved ljifferent technologies, but unlike
postcombustion capture the processed syngas has a higherp@®al
pressure. This enables using technologies such as physical absorption,
adsorption using sorbents and membranes, which are much more effective at
high GO, partial pressureqYang et al., 2008 Kanniche et al., 2010
According to Yagg et al. (2008 preccombustionprocess is potentially less
expensive than pesbmbustion process. It will be efficient when applied to an

integrated gasification combined cycle (IGCC).



1.1.30xy-combustion CGO, capture

This process involves combustion of the fossil fuel using pure oxyggn (O
This gives a flue gas with a high ¢@artial pressure, which is significantly
higher than flue gas from combustion using air. Yang e{28l08 mentions
that the oxy combustion flue gas consists approximately 90% dry volume of
CQ.. This is variable and depends on the purity gti€edfor combustionThe
CO, from the flue gas can then be further purified using cryogenic separation
or membranes. The process flow diagram representing an oxy combustion

capture is shown in Figuredl

The advantages of this technology are; elimination itogen oxides
(NOy) and lesser energy penalty for £€eparatior(Rackley, 201D Reduced
boiler size from using &ower volume of combustion oxygen instead of air is
also an advantage. The disadvantages include a higher concentration of sulphur
dioxide (SQ) in the flue gas, whichcauses excessive corrosion. This will
increase the cosif equipment materialAn additional investment cost with
energy penalty will be from the air separation unit (A$¥ang et al., 2008
In conclusionYang et al. (2008 mentions the oxgombustion C@ capture
process is less matured and the capital cost is similar tecpodiustion CQ@
capture process. The flexibility of retrofitting pasimbustion CQ capture

process to an existing coal fired power plant makes it the primary choice.



Figure 1-4: Process flow for oxycombustion CO, capture procesyYang et al., 2003

1.2 Industrial CO , Emissions

In similar to the power sector a larggercentage of COis emitted from
heavyindustries(stee| paperetc.) In indudry there are two forms of GO

emissiongBrown et al., 201

x Direct emission: C@emitted from consuming raw materials with a
carbon factor e.g. coke for making steel. Emissions are emitted to

the atmosphere dicdy within the manufacturing process.

X Indirect emissions: Emissions from consuming utilities that emitted
CO, during its production e.g. electricity consumed. Emissions are

emitted by the supplier of the utility.

In the year 2005, 37% of total global €@missions were from industries.
A total of 9.9 Gtonnes of CQOwere emitted by industries that year, of which
direct emissions were approximately 6 {HA, 2008. The breakdown of the

percentage direct C@mission for year 2005 is shown in Figur8.1
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Figure 1-5: Direct industrial CO , emissions by sector for 2009EA, 2008)

Iron and steel industry contributed to 30% of industrial direct emissions in
2005, and is highlighted as one of the largest industrial emitters. Process
improvement with alternative fuel could reduceigsion, but CCS needs to be
applied alongside it to achieve 50% emission reduction by the year 2050

(Kuramochi et al., 2012

1.2.1Steelmaking and its CQ emissions

The conventional blast furnace plus basic oxygen furnace (BOF) is the
most common route in producing steel globally. Tkerld Steel Association
assumes approximately 66% of total steel produced globally in the year 2007
was by the conventional route. The electric arc furnace (EAF) route uses
electricity to melt direct reduced iron (DRI) or recycled metal in the EAF. Steel
production through EAF in the year 2007 was approximately 3MSA,

2008. The two different methods of stgaoduction arellustrated in Figure

1-6.



Figure 1-6: Conventional and EAF routes of steel makingWSA, 20144

The conventional steel making route usiadplast furnace and BOF emits
approximately 2.2 tonne of GQper tonne of steel. The EAF route emits
approximately 0.8.9 tonne of C@ per tonne of steelThe conventional
steelmaking routeemainsto be populardespte a higherCO, emission The
lack of high quality scrap stedbr the EAF route is areason for the

conventional route to be populafhe conventional routés also known to

producea high quality crude steel with lessdesiredesidualmaterial(Wiley

etal., 2011

10



BTOZ "Te 19 IydoweInyfjuo.y paidepe alnos Bupjew|asls [euousAuod ay} joiaaysmolssasoid paydwis v : /-T ainbi-

11



Integrated steel mills producing steel through the conventional route have
many different point sources of G@missions as shown in Figure71The
main processes in steelmaking consitthe coke oven, sinter production, iron
production and steel makinghe cokeoven carbonatethe coalat a high
temperature (approx. 10%0D) in the absence of oxygen. The oxygksiicient
process enables production of carbon concentrated coke. Coke is an important
raw materialadded into the blast furnace. Coke should be able to support the
descent of the blast furnace burden with little degradation as possible. It also
providesthermal energy and contrites toiron ore reductionThe coke also
allows permeability of blast furnace gases and molten méta offgas from

the coke ovens is called the coke oyas (COG). COG is used twatthe

coke ovens ands fuelin otherparts of the steel mi‘i/alia, 1994.

The sinter production involves convertinggw materials iron ore,

limestone, coke breeze and recycled materials to form an agglomerated
product. Coke breeze enables ignition. The product sinter is charged into the
blast furnacewith coke and limestonelhe sinter productioemits a flue gas

with a low calorific value and therefore has no further use in the steel mill

Remus et al., 2033

Iron production takes place in the blasthace. Iron bearing materials (iron
ore lums and sinter), additives (limestone) and reducing agents (coke) are
continuously fed through to top of the blast furnace. This prevents the blast
furnace gas (BFGlrom escapingHot air and additional reducinggents are
blasted up the tuyeres the blast furnace. This provides countamrent iron

ore reduction. The hot air blast reacts with the reducing agents to produce

12



carbon monoxide, which reduces the iron ora mt metal(pig iron). The pig

iron is collectedin the hearth of the blast furnace and transpaietie basic
oxygen furnacewhere steel making start§he slag from the blast furnace is
also collected and has further use in cement production a road making. The

BFG is transported as fuel to be usedvarious other parts of the steel mill

Remus et al., 2033

Steel making begins in the basic oxygen fuenéBOF) after prdreatment
of the pig iron to reduce sulphur conteint.the BOF scrap metal and pig iron
are reacted with oxygen to remove undesirable impurities. High purity oxygen
is injected to the BOF. The oxidation process eliminates excess carhich,
is fumed as part of the effas from the BOF. Other impurities such as silicon,
magnesium and potassium are also oxidised and removed as BOF slag. The
reactions in the BOF aexothermicitherefore it provides the necessary heat to

melt the scrap anenables tappingfdhe hot metaht desired temperature. The

off-gas from the BOF is used as fuel in the other parts of the stedRalus

et al.,, 2013. Crude steel from the BOF is transported to the rolling mills,

where steel is rolled and cooled to desired shapes.

Integrated steel mills have an-mouse power plant. The power plant
utilises the offgases fromiron/steel making processeshd offgases are
known asworks arising gases (MGs) andmainly consistof BFG, COG and
BOF gas. The power plant can utilise tha8&AGs to produceelectricity
power, steam and/or distritieat. In appropriate and feasible conditions the

power plants alsotilises purchased fuel (e.g. natural gas and oil). The flue gas

13



from the power plants ireleased to atmosphere through staTE{«smus et al),

2013.

The compositions and the conditions of the WAGs and flue gases from the
integrated steel mill are dependent on raw materials and process technology.
Table1.1 illustrateghe properties anthe compsitions ofthe flue gass from

point sources of steel making shown in Figwe 1

Table 1-1 Compositions and conditions of the flue gas from point sources of steel making

Wiley et al., 2011

The steel making process has matured over many years, ang man
advanced conventional steel mills around the world operate with close to
thermodynamic limits in efficiency. Process improvements to reduce energy
within the conventional route are limited. To reduce ,CE@missions
significantly, drastic changes to the neentional process needs to be

implemented. This has to be achieved throuigimovative technologies or

breakthrough technologig®rth et al., 200[{Wiley et al., 2011 The World

Steel Association has identified and proposed a few changes and they are as

follows (Wiley etal., 2013{WSA, 2014I
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x Using hydrogen (k) as an alternative téossil fuel for reducing
iron ore. The Hneeds to be sourced from carbean process, and
will be used in direct reduction (DR) reactoBR process is an
alternative to the blast furnace route as shown in FigteHb
can be used in its pure form or as syngas. Theprdduction

process can be paralleled with CCS.

X Biomass which is sustainable and sourced through leap CO
emission routes ©a be used as a reducing agent. Biomass
converted to charcoal can be used in the blast furnace, or syngas

processed from the biomass can be used in reactors of DR process.

X Electrolysis, which uses electricity to reduce iron ores instead of

fossil fuel.

x Application of CCS. CCS can be applied to a conventional route
steel mill or to an altered innovative mill with different set up for
iron m&king. The multiple points of C® emission in a
conventional route makes it difficult to apply carbon capture.
Modifications to iron making wdd enableit to concentrate the

CO;, emissions to a single point and apply CCS.

CCS is considered as a key £abatement process that would decarbonise
steel industries while it continues to use fossil fuel. It needs to be applied in

parallel to steel making and would require alterations to the conventional route

to make CCS economically feasiljeuramochi et al., ZOJYZ

15



1.2.2Steelmakingand CCS
According to|Tsupari et al. (20]T3the three capture approachi@gmst

capture, preeapture and oxy combustion) canibglemented tan integrated

steel mill. The point of application is important and needs to be assessed, in

order to reduce a larger quay of CO, emissions.According to thelEA

(2009 the blast furnacemits approximately-1.5 tonne of C@per tonne of

iron producedApplying CCS to the blast furnace can theoretically decarbonise
steel making by approximately €%, since abut 70% of the carbon
introduced imo steel making passes through the blast furnacgarbon is
introduced into steelmaking as fossil fuel (coal) as shown in Figrelrbn

ore reduction takes plagen the blast furnace, where the fossil fuel is

consumedas a reducing agenthe blastfurnacetherefore $ the largest CO

emitter in the steel mirKuramochi et al., ZOJTZ

There are twavays to apply carbon capture to the blast furnace, with or
without further processing dhe top blast furnace ga3he top blast furnace
gashas a CQ partial pressure of apmximately 1725%. The gas has other
gaseous molecules such as nitrogeg) (i and CO. Applying carn capture
directy to thetop gaswill not capture CO. The CO will be converted to £O
after combustion and emitted to the atmosphdrke other option of

application is to apply after the CO in the top gas is converted or combusted to

CQO,. The latter method would enable a higher recovery of (BQramochi et

al., 2013.

Other options of carbon capture involve a modification to the air blown

blast furnace. Ultra Low C{5teel Making (ULCOS) is a consortium made up
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of leading steel companies from around the world collaborating with academia
and other industries specialising in CCS. ULCOS is currently investigating
different modifications to the conventional blast furndlat would enable
carbon capture to benore efficient The top gas recycling blast furnace
(TGRBF) is a retrofit technology to the existing blast furnace. TGRBF uses
oxygen instead of air to obtain CO and Qfh top gas. CO is recycled back
into the blasfurnace to act as a reducing agent after separation. The recycling
of the top gas reduces the overall coke combustion in the blast furnaces,
therefore reducing the overall G@missions by approximately 76%. Two
different separation technologies have rbasvestigated; vacuum pressure
swing adsorption (VPSA) and chemical absorption using monoethanolamine

(MEA). VPSA was more cost effective due to the high partial pressure of CO

in the top gas from TGRBHEA, 2008|Kuramochi et al., 201‘2

Figure 1-8: Top gas recycling blast furnace schematiiEA, 2008]
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Another novel alternative to the conventional blast furnace isrniadting
reduction process. It is considered that the hot metal produced through the
smelting process is cheaper than that produced through the blast furnace route.
The most matured smelting reduction process used at commercial scale is
COREX, a two stageon ore reduction process that uses non coking coal and a
wide range of iron ores. The COREX process is commercially operating
worldwide. The smelt reduction process is more feasible for carbon capture
because the flue gas has a higher, @Oncentration,approximately 255
vol%. Further development of the smelting reduction provesdd directly
useiron ores in the reduction shaft (FINEX). Other developments involve
operation without W input into the smelting process (Hlsarnayhich is
developed by ULCOS. Hisarna is novel technology designed to decarbonise
steel making by approximately 95% and is in its development phase. Hlsarna
process involves direct input of naoking coal and iron ores, and the carbon
is fully oxidised in the smter. This high concentration of G@n the flue gas
enables capturing it easily by cryogenic separation. The currently available

smelting reduction process hatow output rate of hot metals when compared

to the conventional blast furna¢&ojize and Kobuh, 20 )IEKuramochi et al.

2013.

In an integrated steel mill the top gas from the blast furnace is exported to
other parts of the steel milb be combusted, therefore the blast furnace is not
the largst emission pointo the atmosphereSimilar to he blast furnace gas
other processrising gases, such as coke oven gas and BOF gas are also
combusted. The combustion of these low grade fuelsad to heat other units

or is used to generate electricity. Generating its own electricity makes the steel
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mill energy efficient and seBufficient to a certain extent. A capture

technology applied to the power plant could capture approximate)36d

total CQ emissiond

Wiley et al., 201

L

1.3 Project Objectives

Theaim of this project was tproduce a detailed techhemzonomic analysis

of capturing CQ from the steel mill studied. This waachievedthrough the

following objectives.

x Conduct a literature survey to find the mastitable separation

technology for CQcapture in conditions representing a steel mill

x Analyse and understand different point source, €@issions in a

steel mill

x Conduct a C@mapping on the studied steel mill, to apply a retrofit

carbon capture technology

x Process model one or two technologies to understand the technical

feasibility of applying carbon capture to the studied mill

x Conduct an economic analysis to understand ttezatl feasibility

of applying carbon capture for the steel mill

1.4 Novelty in this Study

This study has investigated capturing fom an integrated steel mill. An

in-depth process flow was analysémt the steel mill studiedThis gave a

picture on thaifferent flue gas composition arising from steel makWiley

et al. (201} have conducted a similar work, but every steel mill is different.
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The processes and the flue gas arising differs depending on the raw materials

and process technology.

Arasto et al. (201Bhave studied capturing G@Qsing MEA scrubbing from

an existing steel mill ilBothniaArasto et al. (201j3have considered capturing

from the flue gas arising from the-frouse power station and habwes.

Chapter 5 of this study is very similar to the workAohsto et al. (2013

because it cons@s capturing C@from combined flue gas from central power

station (CPS) and turbo blower house (TBH). As mentioned above the flue gas

composition differs from one steel mill to the otrasto et al. (2018study

had a flue gas CfOconcentration of approximately 28 mol%. This study

analysed capture from flue gas with £€ncertation of 24 mol%?Another

difference from the work bDyrasto et al. (2013is the procedure of process

modelling. This study uses equilibrium based €@eparation for amine

scrubbing, whilgArasto et al. (201shas usedate based C{separation.

The economic analysis for the work|afasto et al. (201J8dwas done by

Tsupari et al. (20J13They do not show individual equipment costing, and have

equated the cost as loss in electricity generation from the sileel'nis study
has used the traditional costing terd& 2 DY RL G D Q Rhis &nBblew/ fo

compare with adsorption and other published literadaramine scrubbing

The deap” in novelty is in Qapter 6, where adsorption is modelled using
ADSIM. The softvare was previously known as Aspen Adsorption, and is still
in its developing phase. Unlike HYSYiShas not got a property library ftine
sorbents. It also lacks informatioon adsorption isotherms and adsorption

kinetics. A large scale CQOcapture usingadsorption has not been process
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modelled before Simpler methods of mass balance relationships have been

used to model large scale g€€apturefrom coal fired power plarﬁo et al.,

2008K. Conditions representing capture from steel mill flue gas is even rare

This study analyses adsorption usirgplite 13X and activated carbon, in
conditions of the steel mill. A comparative analysis of these two sorbent at
large scale and high GQ@oncentrated flue gas is novel. In addition to that
adsorption models weralso compared with a mature technology (MEA

scrubbing).

A techneeconomic comparison of adsorption and MEA scrublsngovel
in terms of the scale of thistudy. This study considers capturing g®om

flue gas flow rate of approximately00,000 kg/h. Most fothe adsorption

studies have only considered lab scale flow rftéasng et al., 201)3
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2 Literature Survey zSearch for the Most

Suitable CO, Separation Technology

The literature survey conducted as part of this research investigated
different CQ separation technologies that can be applied for steel making
conditions. The flue gas rising from steel mills have different properties to that
rising from power stations using doar natural gas as fuel. The €O
concentration in the flue gas rising from steel mill is approximateh335
vol%. Coal power stations emit flue gas with f£@oncentration of

approximately 135 vol%, and natural gas has the lowest concentratibn 3

vol%. The flue gas for all three scenarios, mainly consjsamél CQ (Singh et

al., 2003|Wiley et al., 201L There is currently a vast literature on applying

separation technofpes for conditions using coal or natural gas. Literature
describingseparation technologies ftine conditions of steel m# is limited

but the technologies are similiar that applied t@ther fossil fuel C@capture.

It can therefore be cross linkeddaapplied for steel making conditions. A wide

range of capture is adaptable to capture from steelmgkiggre 21).
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Figure 2-1: CO, capture technologies that can be applied for conditions representing a steel

mill. Obtained from {Wang et al., 2011

The capture technologies represented in Figufie #ere not initially

designed for carbon capture from flue

gas or syngas. They apgieed to

smaller scale different processes that required separation of gaseous molecules.

The technologies can be adapted and a

pplied to large scaled process involving

CO, capture. The choice of the technology is dependent on the characteristic of

the flue gas osyngagRao and Rubin, 20(

)2

The literature survey has reviewed chemical absorption, adsorption,

membranes and physical absorption. These technologies are applicable to

conditions representing capture of £@om flue gas arising from steel

making. They havebeen analysed against the following design and

performan ce parameters.

X Maturity

x Capital Investment
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x

Reliability

x

CO, selectivity

x

Operational cost

x Environmental friendliness

2.1 Chemical Absorption

Chemical absorption is a matured technology with years ofrusatural

gas processing. The process is ideal for post combustion processes which have

low CO, partial pressurgMetz et al., ZOOF CQ; in the flue gas chemically

reacts with the aqueous alkaline solvent to form réversveak bonds. This
chemical reaction is used to capture and separatetl@@ugh a continuous
absorption and regeneration process. The process flow sheet for chemical

absorption is shown in Figure2 Flue gas is initially cooled to 40°C to

enhanceabsorption and is blown into the absorber coILTﬁao and Rubin,

200Z|Wang et al., 201)1 The absorber column provides a surface area for the

contact of flue gas with the counter flowing lean solvent. The solvent and the
CO; react through a series of exothermic chemical reactions to produce a rich
solvent with CQ absorbed. The cleaned fluesgia vented to the atmosphere
after water wash to reduce solvent leakage. The rich solvent is then heated
through a cross heat exchanger and pumped to the top of the stripper (or
regenerator). The solvent is regenerated in the strippametssure slighy

above atmospheric pressure (X2atm) andusingraised temperatures (100

140°C). The regenerated lean solvent is recycled back to the absorber column
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after cooling through the cross heat exchanlemtz et al., 200pWang et al.

2011.

Figure 2-2: Process fow of chemical absorption(Metz et al., 2001

Wang et al. (201)Lhas mentioned that the flue gas needs tetreaed

before capture, to remove sulphur dioxide £5&hd oxides of nitrogen (N
The presence of these in the flue ga® form heat stable salts with some
solvents such as monoethanolamine (MEA).xN@n be reduced by low NO

designed burners or selective catalytic reduction., $€duction design

requirement is 10ppm according\idang et al. (2011 Other authorgSingh et

al., 2003 |(Abu-Zahra et al., 200fKarimi et al., 201} have also mentioned

this level of SQreduction for efficient capture minimising solvent loss.

The presence of On the flue gas can increase the rate of corrosion of the

equipment according fi@/ang et al. (20101 It is also mentioned that,@resent

in flue gas can degrade some solvents such as MEkAew@ls should be

restricted to less than 1ppm, if no corrosion inhibitors are used.
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2.1.1MEA for ch emical asorption

Amine solvents can be categorised into primary, secondary and tertiary
groups according to the number of hydrogen atoms replaced by alkanol chains.
The reaction rates and corrosive characteristics of the solvents differ from one
group tothe other. The reaction rate is highest for primary amines while
tertiary amines are least corrosive. MEA is a primary group amine and has
been widely usedt commercial scale. it able to capture C{at low partial

pressures. It will be suitable for dmation to capture from post combustion

pulverised coal power plan{fRao and Rubin, 2002It is mentioned bﬁetz

et al. (ZOOT that more than 99% C(purity is achievable with 85% or more

CO, recovery, byapplying MEA absorption as a post combustion capture

technology.

MEA is proven to achieve high recovery with purity. These are attractive
characteristics of the solvent, but the solvent is highly corrosive in the presence
of O,. Flue gas from pulverised abpower stations has approximately 5 mol%

O, and this would increase the rate of MEA corrosion. MEA which is a
primary amine is more corrosive thanalhanolamine (DEA)a secondary
amine. DEA is more corrosive thdn-ethanolamine (TEA)a tertiary amme.
Inhibitors should be deployed to prevent corrosion of the solvent. Flue gas

should have a minimum of 1.5 vol%,Q@o maintain the activity of the

inhibitors (Chapel et al., 1999 Other alternative options to reduce, O

concentration can involve use of catalytic reactors or controlling of the laminar

flame in the burnerfMetz ¢ al., ZOOT‘Wang et al., 2011
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Thermal degradation of MEA is common in the stripper and is concentrated

within the reboiler ofthe stripper. The work done [pavis and Rochell

1%

(2009 used 138C reboiler terperature in their studies and produced a result

showing thermal degradation of 2%% per weekThe paper explained that
increase in loading of COand amine concentration increases the solvent
degrading rate. The paper further concluded that thermahdiatipn of MEA

could be reduced if working temperature is less thafiQ.10

The formation of thermally stable salts when MEA reacts with, ld@u

SO is undesirable and leads to solvent degradation. It is mentiorﬁd(bynd

Rubin (2002, that the concentration of SOneeds to be limited to

approximately 10ppm to reduce solvent 10sSO, reduction in flue gas is

achieved by flue gas desulphurisation (FGD). The flue gas typically contains

700-2500ppm of S@for pulverised coafired plants befax FGD|Chapel et al

(1999 mentions, the currently used FGDs for pulverised-fioadl plant will

not be able to reduce $©@oncentration to less than 10ppm. This is because of

the high sulphur content found in coal used today. Iisimgathe CQ loading

in the liquid phase would reduce S@egradation as explained [yang et al

(201%1. It is mentioned that having more g@vailable for reaction with MEA
would reduce S®and Q reactions with the solvent, and therefore reduce the

solvent degradation.

NO, is the most reactive of all the N@resent in the flue gas. N@lso
reacts with MEA to form a thermally stable salt, causing degradation of the
solvent. The flue gadlO, concentrationfrom a pulverised coal fired power

plant is approximately lessdh 10% of the total NO This means degradation
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of MEA due the presence of NGk little compared to SOdegradation. N@

emission can be controlled by controlling the flame temperatures in the burners

Chapel et al., 19§”ElRao and Rubin, 2002

Other impurities in the flue gas that degrade the solvent and deteriorate the
process and equipment are fly ash and soot. Fly ash could cause degradation of
MEA through chemical and physical reactions. It can further lead to erosion,
crevice corrosion ang@lugging of the equipment. Power plants are currently

equipped with fly ash removals upstream of FGD. For the purpose of capture

99.7% removal of fly ash should be nT@hapeI et al., 1999Soot is present in

flue gas from heavier fossil fuels. Aabilised MEA mist is formed with soot.
The mist particles are not captured in the water wash zone of the absorber

column. The micresized MEA mist particles must be captured by using a

specialised mist absorb’ﬂhapel et al., 1999

The energy regired for the process is primarilthermal energy for

regeneration of the solvef@hapel et al. (1999nentions that 36% of the total

overall operating cost is the thermal energy required in the regenerhtor.

thermal energy whicls supplied as steam is in the rang&®&f +4.2 GJtonne

of CO, (Chapel et al., 19985ingh et al., 200BAlie et al., 2009Abu-Zahra et

al., 2007T. Electricity is consumedby flue gasblowersand solvent pumps
within the capture process. Electricignergy consumption i9.06 £0.11
GJ/tonne of C@for post combustion capture from a coal fired power plant

and is within 0.21+0.33 GJfonne of CQ for post combustion capture from a

natural gadired powered pIanfMetz et al., ZOOF Post capture compression
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of CO, to a pressure of 110 bar would require approximately 0.4 GJ/tonne of

CO, (Metz et al., ZOOF

Consumption of large amount of thermal energy in the regenerator is

influencing the economic viability of the technology. In a studyBlymen et

al. (2009 it was oncluded that a 15% reduction in thermal energy (3.2MJ/kg

CO, to 2.7MJ/kg CQ) would see a process improvement286 reduction in
capture cost (385 to 2535 euro per tonne of G The study by the IPCC
mentions that the thermal energy consumed is closely linked to the selection of

solvents. It has been shown that mixture of amines from different groups, or

novel solvent consume less energy to regen¢kéetz et al., ZOOF Increasing

the concentration of MEA in the solvent can decrease the thermal energy

required for regeneration accordingBtomen et al. (209. A 33% increment

to the concentration of MEA would reduce thermal energy #8246 An
increase in MEA concentration would increase corrosion as seen earlier.

Inhibitors can be used to control corrosion of MEA as shown in the

ECONAMINE process deveped by Fluor Danie{Metz et al., ZOOF Using

alternative novel solvents could reduce the thermal energy consumption.
Sterically hindered amines developed by Kansai Electric Power Co, have
shown to consume less energihwlittle solvent loss. These novel solvents are

in theirdevelopmenphase and are currently too expensive to be implemented.

Capital costs for installation of the absorber and stripper column influences
the economic feasibility of the technology. Thewil rate of the flue gas
determines the sized of the absorber column. Mass flow rate of the CO

captured defines the size of the stripper column and post capture compression.
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It is mentioned bP\/Ietz et al. (208) that it possible to achieve &D% of CQ

recovery with the technology. Higher recovery would need taller absorption
column with higher energy penalties, causing an increase in overall cost. An
optimum recovery value needs to be evaluated duringmesithe technology.

Process intensification by enhancing absorption and distillation can reduce
capital costs. A rotating packed bed absorption column using the centrifugal
force to boost gravity would increase the mass transfer of the solvent. An

incressed mass transfer would enable efficient reactions and enhance

absorptiofWang et al., 2011

2.2 Membranes

Capturing CQ using membranes has been conducted at high pa@ial

pressures in naturgas processingMetz et al., ZOOF The technology isnore

suitable for capturing C&£from syngas or blast furnace top gas, which have a
relatively high CQ partial pressure. The membrane technology is simple,
compact and easy to operate. Chemical solvents are not used in its original
form; therefore the teclwlogy is more environmental friendly. The
compactness of the technology reduces capital investment. It can be easily
scaled up to commercial levels. It also uses minimal equipment with no

moving parts. It is very reliable and is flexible with the abityincorporate

new membrane developmeTtsie etal., ZOOHHO et al., ZOOT

There are challenges in implementing the membrane technology for CO
capture. trequires a clean feeaf gas with no particulates or moistutt is

still not proven at larger scalelt requires high pressurised feed gas, therefore

it is energy intensivTLie et al., 200Y. It is mentioned that the flue gas needs
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to be compressed to -EZ® bar to provide the required driving force for the

separation. This increases the overall cost of capture and is mentioned to be

30% more expensive than capturing Qing amine scrubbin¢gHo et al.,

20083. This is for conditions of low C@partial pressure in thitue gas. An

increase iNCO, partial pressure in the flue gas will makenore cost effective

than amine scrubbingiie et al., 200Y.

The most popular membranes used for ,C&&paration are carbon

membranes and polymer membranes. For the membrane to be efficient in

capturing CQ, it should have the following propertigBrunetti et al., 2010

X CO; high permeability

x CO,/N, or CO/H> high selectivity, depending on the feed gas.

X Resistance towards chemicahctions and thermal changes

x Plasticisation resistance

X Cheap to produce into different membrane modules

X Long life

x Cost effective CQcapture

It is mentioned byBrunetti et al. (201Pthat the membranes available for

CO, capture do not possess both high permeability atettvity of CQ. It
was seen that only a few polymer based membranes had selectivity near to
100%, and the permeability on those membranes were low. Development of

novel membranes with high permeability and selectivity through cheap
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methods could be a igng factor for the technology to be commercialised.

The work done byLie et al. (200y showed that novel membrane with

incorporation of amine (facilitated transport membrand)as shown

improvement in permeability and selectivity of €@ther work byHo et al.

(20084 has considered reducing the compression energy consumed in flue gas

compression by using vacuum separation. Using vacuum separation, it was
possible to achieve reduction in the overall cost of @idancelt is further
mentioned that CQ purity was between 580% when using vacuum
separation. This is not up to the levels of purity achieved by amine scrubbing.
Using membranes with very high selectivity and permeability of @ih

vacuum separation couldcece cost and reach desired purity.

Another process improvement that is promising is the hybrid
solvent/membrane technology. Membranes are employed to provide a high
surface area to volume ratio for the contact of solvent and gasequs O
CO, reacts with the solvent and the cleaned gas diffuses out through the
membrane. Advantages of this process include low capital investment from

compact membranes used, less operational complexity and higher surface area.

In conclusion, membranes lookagpnising and will compete with matured
technology such as amine scrubbing, but there is still room for improvement. It
is more suitable to be applied as a pre combustion technology. The
uncertainties of the membranes reaction with chemicals and heat trerorfl

syngas is preventing it to be applied for large scale <&paration.
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2.3 Adsorption

CO, separation by adsorption involves a selective separation of the CO
molecules onto a sorbent. Depending on the bond formed betwesm@athe
sorbent the processam be categorised aither chemisorption or
physisorption. Covalent strong bond are formed in the process involving
chemisorption and it requires more energy for regeneration. Physisorption
forms weak bonds and is more easily regenerated. Then@fecules and
other gaseous molecules are attracted to the surface of the sorbent through van
de Waals forces. Both physisorption and chemisorption are exothermic; more
heat is released during chemisorption than physisorption. Adsorption

technology for CQ@ capturerequires fast separation, therefore physisorption is

more popular]Berger and Bhown, 2011

Adsorption process has been used in,&®paration from syngas to
produce H. The technology has not yet reached commercial scale
demonstration of O, capture for sequestration from flue or syngas. Molecular

sieves and activated carbon (AC) can be used to adsagrb CO

2.3.1Sorbents +zeolite 13X and ativated carbon
Zeolite 13X has shown to have high &K selectivity with good

adsorption capacity. AC adgion capacity increases with GQpartial

pressures; at pressures above 1.7 bar AC has higher adsorption capacity than

zeolite 13X(Choi et al., ZOOF The work done H¢Zhue et al. (199=oncluded

that zeolite 13X are better performing sorbents for, G€paration when
compared with AC. The CQsotherm on zeolite 13X shows recovery of CO2

is achievable at pressures just above atmosphere. This would reduce the cost of
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pressurisation the feed gas. Application of vacuum swing adsorption (VSA) or

vacuum pressure swing adsorption (VPSA) with zed®¥ would enable high

recovery of CQ (Wilcox, 2013. Heat of adsorption of C{on zeolte 13X is

comparablymore than that of AC, bi€hue et al. (1995mentions that the

higher working capacity of zeolite 13X coupled with higher equilibrium

selectivity makes zeolite 13X a better sorbent for bulk €€paration.

The work done byChue et al. (1995has not incorporated effect of

moisture on the sorbefitVilcox (2012 mentions that water molecules would

be morepreferably adsorbed tmzeolite 13X than CEoby electrostatic forces.

Activated carbon is resistant towards water moleculegChoi et al. (ZOOF

has identified humidity could have a long term detrimental effect on AC. Other
impurities include S@ and NO, found in flue gas. S@ can react with
adsorption sites on the sorbent, reducing @@sorption. N@and other oxides

of nitrogen have also shown reaction to reduce overajld@i®orption capacity

Zhang et al.,, 2009a Using layers of adsorbent to control qa@sorbing

impurities have been proven. It can be used to control and redyceNS®

and water molecules reaching the main,G@sorbing Iaye1Zhang et al.

20094.

2.3.2Regeneratbn of orbents

The regeneration of the sorbent involves desorbing thea@Ghe sorbent.
The regenerated sorbent is then used for adsorbing moreT@®technology
uses cyclic processes #low continuous adsorption and regeneration. The
regeneration can be achieved by either a temperature increase or a pressure

decrease. Pressure swing adsorption (PSA) uses higher pressures to adsorb CO
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onto the sorbent and regenerates it at lower pressiresorbing at vacuum
pressures is also practised and can be more efficient depending on the sorbent

used. Temperature swing adsorption (TSA) uses higher temperatures to

regenerate the be16‘homas and Crittenden, 199&egeneration using heat is

slower and is unpopular for G@dsorption. TSA is considered to be a more

expensive regeneration method and would require intercooling in between

regeneration and adsorpti(fldletz et al., ZOOF Hybrid processes using high

pressure for adsorption and lower pressure with temperature increase for

desorption can be used for g@covery and have been proven in pilot scale

demonstrationglshibashi et al., 1996 Others have shown that more than one

stage of capture would be required to get, @Qrity over 95 mol%dWang ef

al., 2013

In adsorption technology the highest percentage of electricity is consumed

by compressors/blowers and vacuum pumps. It is mentiongdeby et al.

(2009 tha approximately 56 XWh/tCO; is consumed by the pumps blowers.

This is approximately 21% of the electricity output of a power plant. Process
improvements such as pressure equalisation, and waste heat regeneration can
reduce the overall energy penalty. Qtleests are contributed from installing

large number of beds. The sorbents working capacity is liwsrefore

requiring many beds and stages for separTHlmet al. (2008p showed that a

hypothetical sorbent with higher level of selectivity arapacity to recover

CO;, can reduce the overall cost by-33%. Further work bysomes and Ye

D

(2003 has shown that lowering the feed gas speed and increasing cyclic time

could enhance CPOpurity and recovery. With an increasn purity and

recovery, the number of stages for separation can be reduced, therefore
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reducing the overall cost. Conditions representing capture from pulverised
coakfired power plant or steel making produces large volume of flue gas. This

requires contiuous fast bulk separations.

Overall it can be concluded that adsorption technology is less energy
consuming than amine scrubbing. Its continuous cyclic process can be utilised
as a retrofit for steel making conditions. There is a requirement to effgctivel

remove impurities before separation and this could be cgstitz et al.,

2009. Novel sorbents with higher working capacity and selectivity could make

the technology competitive with matured amine scrubbing.

2.4 Physical Absorption

The technology has been proven to work at high @abtial pressures. It is
more suitable for capturing GGrom syngas or from processed gas from the
water gas shift reactiont follows +HQU\YV /DZ WR GHVFULEH VRO
onto the solvet. It therefore works at lower temperatures and higher pressures.
The solvents used in the technology are organic that can physically absprb CO
rather than chemically reacting with it. The solvents are regenerated by
lowering the pressure or increasingettemperature. Physical absorption
display weak interactions between the solvent and,, Q@like amine

absorption in which the C{bond with the amine is stronger. Less energy is

required to regenerate the solvent using physical absorpitajire, 201(

Rackley, 201

There are many different processes availade tises physical absorption

for acid gas removal in commercial scale. They can be differentiated according
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to the solvent used for separation. Selexol and Rectisol process are most

popular and have decades of commercial experience in natural gas processing.

Selexol Process uses dimethylether or propylene glycol. Selexol is effective
in capturing CQ at high pressures and can achieve bulk removal. Selexol

absorbs at temperatures o6{C and the regeneration of the solvent can be

achieved by lowering pressure or by using air to strip the(R&ckley, 200).

The solvent is less corrosive therefore equipment can be built with carbon
steel, thereby reducing the overall cost. The process has low toxicity and can
be operated at low pressure but is more efficient at higher pressures. The

Selexol solvent hagot a high affinity towards water molecules; therefore flue

gas dehydration might be requirglajire, 201(

The Rectisol process uses chilled methanol to absoeba@@®the process
can be configured in many different ways to suit various needs. It operates at
very low temperatures34 to -73°C, increasing the cost of refrigeration. The
process is nowgorrosive and has high thermal and chemical stability.
Equipment can be built with carbon steel, reducing installed cost. The solvent
can be easily regenerated by low pressure flashing and doesjonwe thermal
heating as in amine scrubbing. Overall the Rectisol process is considered to

have a high operating and installation cost due to the need of refrigeration

Olajire, 2010.

Other existing processes that use physical absorption are FLOUR and
Morphysorb. The Morphysorb process is a relatively new technologke
FLOUR process uses prdpye carbonate as the solvent sincis iapplied to

conditions with high C@ partial pressure (> 4 barfhe FLOUR process
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involves a higher solvent recirculation, therefore increasing the operational
cost. The FLOUR solvent isconsidered to be expensive. The solvent

regeneration can be achieved by lowering the pressure. Thed@ility is

high on the FLOUR solvent, therefore has enhanced ©@@ding (Olajire,

2010.

2.5 Comparison of Separation Technologies

Table 2-1: The four technologiesassessed with the design factors

Table 21 summarises the comparative study of this literature survey. It is
clear that chemical absorption is the most mature technology. It has been

proven in large scale G@apture. There is a good understanding efdffect
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of impurities and the performance of different amines. Technical and
operational challenges such as corrosion and solvent degradation have been
addressed and understood. The technologies impacts on the environment have
also been outlined with relési from pilot to medium scale projects. Economic
evaluations have been studied widely with understanding of the design
parameters that control the overall cost of ,C@voidance. There are
commercial process modelling software like Aspen HYSYS, Aspen d&lds

gPROMS that are able to model capturing of,Qing aminesProcess

modelling of chemical absorption has been conducted previousSingh et

al. (2003 andAbu-Zahra et al. (2001b and the results are agreeing wigalr

world CG, capture.

Membranes are the least developed technology of the four. The technology
is suitable for capturing CQwith high partial pressures. It is still in a lab scale
development phase. The process itself is simple and reliable and sgaling u
should be easy, but it is still not cost effective to be implemented at a large
scale. There is very less understanding of the detrimental effects of flue gas
impurities on the membranes. Hybrid novel technologies combining
membranes with chemical abstom have been proposed. They are promising
but are in early stages of development. Research on novel membranes with
high CQ permeability and selectivity are being conducted globally. A research
breakthrough could improve final G@roduct purity and ree@ry to match
with amine scrubbing. This could open doors for large scale €&Pture

demonstrations.
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Adsorption is also a technology that performs well with highep gadtial
pressures. The technology has been proven in large scale but not for CO

captue from flue or syngas for the purpose of sequestration. There are few

pilot scale level demonstratioTlshibashiet al., 1994Wang et al., 2013 The

theoretical understanding of the technology has developed throughout the last
century. It is considered to havewler operating cost when compared with
amine scrubbing. There is good understanding of the effect of impurities in the
feed gas. At low C@partial pressures, multiple stages of separation would be
required to reach purity matching amine scrubbing. Feedpgaseatment

such as dehydration and removal of impurities might be required, depending on
the choice of sorbent. The two sorbents zeolite 13X and activated carbon are
suitable for CQ separation, with zeolite 13X performing better at lower partial
pressires of CQ. A cyclic process can achieve continuous bulk removal of
CO, with regeneration of the beds. Depending on the availability of waste heat,
hybrid PTSA process can be more efficient than other processes such as PSA

and VPSA

Physical absorption paration technology has been proven at large scale to
remove CQ form feed having high COconcentration. The technology uses
less energy to regenerate the solvent, because no thermal energy input is
required during regeneration. It is less corrosive tlamne absorption
therefore equipment can be built using carbon steel. Working conditions are at
low temperatures and the process performs better at elevated pressure.
Depending on the process chosen, the solvent would need to be cooled to very
low temperatres; therefore increasing operational cost. Dehumidification of

the flue gas might be required depending on the solvent. Selexol process would
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be more suitable for CQOseparation when compared with FLOUR and

Rectisol.

2.6 Capture Technologies for Steelmaking

In an integrated steel mill, there are multiple &ission points. The GO

concentration varies from one point to the other, and is betweahvbl%

Wiley et al., 2011 Theworks arisinggases (top blast furnace gas, coke oven

gas and basic oxygen furnace gas)ammbustedn the onsite power station.

The CQ concentration of the flue gas rising from thegite power station is

approximately 23 vol%qWiley et al., 2011 If a single point retrofit C®

capture technology needs to be applied for the integrated steel mill, a post
combustion technologwfter the power station would give the maximum
decarbonisation of the mill. This conclusion is made after assuming no changes
are made to the flow of theorks arisinggases. The flue gas properties of the
onsite power station differ to that of a puhsad coal or natural gas fired
power station. C@concentration of the flue gas form the-gite power station

from a steel mill is higher to that compared to a coal or natural gas fired power
station. This higher concentration would make it suitable deparation

technologies that are efficient with high €gartial presure.

Adsorption, membranes and physical absorption are all capable of
recovering C@from high CQ concentrated feed gas. Membrane technology is
the least developed andould have high a@st in pressurising the feed gas.
Physical absorption ia mature technologgut can have higloperation costs
due to coolingrefrigeration requirementin conclusionadsorption with its

lower operating costs andediumlevel of maturity would be the chige to be
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applied for the integratedteel mill. As a benchmark studychemical

absorption will also be analysed in parallel to adsorption and the results will be

compared.

2.6.1Literature survey

steelmaking

+ chemical absorption for

There a few publishetiterature available that analyses £€apture by

chemical absorption for conditiord$ flue gas arising from steel makinghe

high concentration of C£n the flue gas from steehakingraises a question if

amine scrubbing will be a suitable technolc

his work, and uses physical absoprtionCO, capture

Gyelen (2003 mentions this in

Gielen (2003 has used

Selexol process after a water gas shitict®n, to capture COfrom blast

furnace top gas. The cost for carbon dioxide captuse mentioned as

$18/tonne of CQ|Farla et al. (19915'1ave also conducted a proccess modelling

study on CQ capure from the blast furnace top gas. They have usedhesit

furncace capture using chemical absorption and solvent MDEAthyI

diethanolaming The cost of C@captureby

Farla et al. (199r5is $35/tome of

CQO,. The work byHo et al. (201

L have also investigated a capture from the

blast furnace top gas. They conclddbat the cost of C@avoidance is equal

to $68/tonne CQ® using MEA scrubbingHo et al. (201

| mentions that the

higher cost compared to that|léarla et al. (199r3is because of the exclusion

of flue gas prdreatment irIFarIa et al. (19Twork. It is also mentioned that

Ho et aI.(201]1 has used C@avoidance cost, where as the othas tsed CQ

capture cost |Wiley et al. (201} analysed different capture points within

steelmaking and used MEA scrubbing. In their study it was concluded that the

best place to apply a retrofit capture tedlogy, in terms of financial ease, was
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the blast furnac@Viley et al. (201] mentioned the cost of GGvoidance is

approximatley$65/tonne of C@ Applying a CQ capture after the thouse

power plant will cost approximatley $71/tonne of £&yoided(Wiley et al.,

2011.

Technical analysi for CQ capture thorugh chemical absorption for

conditions relatig to steel making have been conductbdough process

modelling.|Arasto et al. (2018have modelled usin@ rate based process

modelling software to capture GGrom an integrated steel miIMEA was
used as the solventhey have considered capturing £ftom the flue gas
arising from the irhouse power station and the hot stove€0% capture of

CO, was achievable with a 50% reduction in the totab @@issions from the

steel mill. The reboiler duty was calculated as 3.4 MJ/kg of, Clobiesen ef

al. (2004 modelled CQ capture using MEA. The process svenodelledto

capture from the top gas of the blast furnace. The model calculated a reboiler

duty of 3.77 MJ/kg C@with 80% recovery.

2.6.1Literature survey zadsorption for steelmaking

Publihed studies on large scale £@apture using pressure swing
adsorption (PSA) or vacuum swing adsorption (VSA) high CQ

concentratiorare little. Most of the studies are for conditions relating to flue

gas from a coal fired or natural gas fired powenpl@ihe studyby[Ho et al.

(2008h used a short cut mass balance calculation, to model post combustion

capture from a coal fired power plant using PSA and \iSé et al. (2008p

concluded that the cost of G@voidance were $57/ton G@nd$51/ton CQ

for PSA and VSA respectively. They were only able to achieve a purity of 48
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mol% with a recovery of 85% C@or bothsorbentsThey used zeolite 13X in

both their models.

A study byWang ¢ al. (2012T1investigatel VSA using zeolite 13X in lab

scale set up. The G@oncentration was 50 vol% in the feed gaé&ng et al

(201239 was able to attain approximatly 84 vol% purity of £/th a recovery

of approximatly 78%.

Wang et al. (201)3conduted a pilot scale study to capture,@Om flue

gas with CQ concnetration ofLl6 vol%. They used twguccesive stages to
attain a final C@product purity of 98.8%They achieved a recovery of 83.7%
The first stage in the lab study used zeolite 13X and the second used activaed

carbon.
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3 Cost Estimation Methods Used in this
Study

An important part of thisresearch was to investigate the economic
feasibility of the separation technologies studied. Economic analysis starts with
the estimation of installed costs of the equipment. It also includes operating

cost per annum, which is made up of fixed and vagiabbkts.

The most accurate way to obtain the installed costs is from the vendors.
The second best approach is to use price information of previously purchased
similar equipment, and apply it to price the designed equipment. Differences in

equipment size, okcation, conditions of operation etc. might need to be

considered when using the second approgi€arimi et al., 201L An

alternative approach is to use to proposed correlations datealtulate

individual equipment costThe latter approach estimate is considered to be

+30% accuratTSinnott and Towler, 2099

Process modelling software such as Aspen HYSYS, drasn-built
embedded correlation for estimating the capmixpenditure cost (CAPEX@nd
operational cost (OPEX)t is called the Aspen Process Economic Analyser.
This research was process modelled on an older version of Aspen HYSYS,

which did not include the adoh for economic analysighis research uses the

correlation proposed p$innott and Towler (20Q9or economic analysisthe

correlation would give an initial design phase estimate of the CAPEX and
OPEX for CQ capture with an uncertainty of £30%. It is a reliable correlation

because other peer reviewed published literature, such as the work done by

Karimi et al. (201}, haveused the propason by|Sinnott and Towler (2099
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3.1 Estimating the CAPEX using the Factorial
Method

Sinnott and Towler (20QQuse a factorial method to estimate the installed

costs of the equipment. The corteda of cost estimations dependent on
equation 31. Ceis the purchased equipment cost of the equipment on US Gulf

Coast basis as of January 2007. The constants a, b and the exponent n is found

in the book bySinnott and Towler (20Q9 and differs for each different

equipment. S is a size parameter thdefines the size of the equipment. S

needs to be calculated from preliminary design details. The units of S are given

in the book bySinnott and Towler (20Q9

Equation 3-1: Equipment purchase cost correlation equation

S has a lower and upper limit, and if it falls out of the range equatibn 3
needs to be used to calculate the purchased cost. Equ&ietBe one sixth

rule equation.

Equation 3-2: One sixth rule equation

After calculating the equipment coste, Gt needs to be altered to match
FXUUHQW \HDU DQG ORFDWLRAQ 7KH FKHPLFDO

(CEPCI) published in th€hemical Engineering Journal annually can be used

to calculate the cost for year ZorGEPCI., 2013 Location factors are given
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in the book bySinnott and Towler (20Q9 and they can be used to calculate

equipment cost for specific location equipment is to be installed.

Table 3-1: CEPCI index [CEPCI., 2013

Table 3-2: Location factor {Sinnott and Towler, 2009

After calculating the installed cost,,,Cfor the desired year and location

equation 33 can be used to calculate the installed equiproest. The factors

in equation 33 contribute towards installing the equipmjﬁinnott and

Towler, 2009.

Equation 3-3: Factorial equation for calculating installed cost of equipment

C = installed cost of equipment

Ce. i, cs= purchasd equipment cost of equipmennicarbon steel

M = total number of pieces of equipment
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fp = installation factor for piping

fer = installation factor for equipment erection

fel = installation factor for elctrical work

fi = installation factor for instrumentation and control

fc = installation factor for civil engineering work

fs = installation factor for structures and building

fl = installation factor for lagging, insulation or paint

fm = material factorfia material different to carbon steel is used

After calculating the installed cost for all equipment, the summation of all
equipment cost will give the total installed cost of the plant. It is also known as

the total installed ISBL (Inside Battery LimiQAPEX.

An OSBL (Outside Battery Limit) investment includes contingency, design
and engineering, changes to infrastructure etc. An OSBL cost needs to be
added to the installed ISBL CAPEX, to calculate the total fixed capital
investment (FCI) required. As paof this research it was assumed that OSBL

cost is 60% of the fixed ISBL cost from information providedha book by

Sinnott and Towler (20Q9

3.1.1Annual fixed capital investment

It is common to calculate the FCI annual payns (FClinay Or the
amortized annual cost to understand annual cost efc@fture or avoidance.

The FClnnuaiS given by equation-&. It is divided into equal annual payments

48



throughout the life of the plant in production. In equatief, 8 represets the

plant life time and i represents the interest rate at which the FCI is paid off

Sinnott and Towler, 20Q0&Karimi et al., 2011 This research has assumed a

lifetime of 30 years for the capture and compression unit. Itsis assumed

that the interest rate is 10% for all calculations.

Equation 3-4: Fixed capital investment per annum calculation equation

3.2 Estimating OPEX made of Variable and
Fixed Cost

In addition to thefixed capital investment calculated per annum, operation
expenditure (OPEX) needs to be calculated per annum to understand the

overall cost of C@ capture. OPEX is made of fixed and variable cost, and

calculation of them varies in published literat{®éngh et al., 200BAbu-Zahra

et al., 2007W§innott and Towler, 2009

3.2.1Fixed gperating cost

The fixed operating cost (FOC) per annum is required throughout the year
to achieve continuous produai. It can be made of different factors; the most

common factors are outlined in Tablé883The estimation of the cost of each

factor was adapted froTSinnott and Towler, 20Q@&nd(Karimi et al., 2011
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Table 3-3: Fixed operating cost factors

The direct salary overhead factor of the FOC includes payroll taxes, health
insurances and other employee benefits. The gepémat overhead factor

includes R&D, IT, human resources, legal and finance.

3.2.2Variable operating cost

The variable operating cost (VOC) is made up of costs due to using utilities
and raw materials. It also includes waste disposal and landfik. castthe
name statesthese cost are dependenon the yearly production. If annual
production increases these &stll increase, and if it decreases the VOC will
also decrease. The price of utilities, raw materials and waste disposal will also
influence VOC. Theprice of utilities, raw materials etc. varies throughout the

year and therefore the VOC will also change accordingly.

3.3 Estimating Cost of CO, Capture

After calculating the annual VOC and FOC, the total operating cost (TOC)
per annum can be calculated. TOCthhe summation of VOC and FOC. The
total annual capture cost (TACC) is given by equatieh, 3and is the

summation of FGhnua@and TOC.
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Equation 3-5: Calculation of TACC from FCI 4,nua and TOC

After calculating the TACC it can be used to calculate Cost of &@pture

and Cost of C@avoidance given by equations63and 37 respectively.

Equation 3-6: Calculating cost of CG, capture

Equation 3-7: Calculating cost of CQ avoidance

It is good to understand both the cost of,@@pture and the cost of GO
avoidance. Cost of C{rapture does not include emissions emitted during the
capture process, thdéoee would not be able to reflect the correct price for
decarbonising. The cost of G@voidance includes the indirect €émissions
from consuming utilities and raw materials. It uses the net amount ef CO
captured as shown in equatiofv 3The net amoundf CO, captured includes
all the emission of C® during the capture process (direct or indirect)
Consumables such as steam and electricity are assumed to be obtained from
outside the ISBLIimits. They will emit CQ when and wherethey are
produced. The net CQcaptured removes these indirect emissions from the

total amount of C@captured.
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4 CO, Mapping zIintegrated Steel mill
The conventional method of steel making involves iron ore reduction (iron

making) in the blast furnacéBF) to produce hot metal irpriollowed by

steelmaking using a basic oxygen furnace (BOf)NSA, 2014l).

Approximately 2.2 tonnes of GOs emitted per tonne of steel produced

through the conventional route of steel makj@yth et al., 200'2 Carbon in

the form of coke is used primarily for iron ore reduction in the BFakt

charcoal from biomass, can also be used to covert iron ore into hot raptal ir

WSA, 2014T

A percentage breakdown of the €é€missions arising from a conventional
steel mill following the BF+BOS route for manufacturing steel is shown in

Figure 41. Approximately 70% of the induced carhaluring the conventional

steel making process flows through the ?Euramochi et al., 20]12 87% of

CO, emissionsare contributed from coke ovens, sinter plant and{Bfh et

al., 2007%. It is to be noted that Figure 4does not considezonsuming the

process arising gases, through amause power statiolo generate electricity
and heat The CQ emissions are therefore dedicated to each process within
iron and steel makg. In an integrated steel mill the low grade fuel will be

consumed in the thouse power station as explained in Chapter 1 of this thesis.

Governments of industrialised nations have proposed at least 5026 CO

emission reduction from current levels by gear 2050/Allwood and Cullen

2009. In response to this World Steel Association, representing the steel

industry globally, has encouraged steel companies to decarbonise steel making

WSA, 2014T. Ultra low carbon steel making (ULCOS) is a consortium in
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Europe made up of major steel companies, academia and engineering partners.
ULCOS is investigating implementation bfeakthrough technologies, which
can decarbonise steelmaking. The technologies proposed by ULCOS are

expected to achieve more than 50%,@@ission reduction but would require

major changes to the BlTKuramochi et al., 20]T2 As an alternative

decarbonising route, carbon captgen be appliect other point sources in a
steel mill as a retrofit technologWlapping the C@Qemissions arising from the
steel mill studied in this research would give a clearer understanding of its

different points of emissions.

Figure 4-1: Breakdown of CO, emissions from a conventionasteel mill (blast furnace + BOF

route) [(Orth et al., 2007

4.1 CO, Emissions from the Studied Steel Mill

The steel mill chosen is locatedtime North East of England and is with
close proximity to the Nrth SeaThe captured Cowill be transported through

pipelinesto a deepsea storage point in the North Seasimilarity to the work

done byWiley et al. (201} the steel mill in this study uses BF top gas, coke
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oven gas and BOF gas as low grade fuel in other parts of the mill to generate
HOHFWULFLW\ DQG KHDW ,nbiidriGgéeftthadelwaslu@QedK R X V H
to analyse C@emissions from different point sources within the mill. The
software is continuously updated with €émissions data. The G@mission

data for year 2011 was usad part of this research. Only direct ££nissions

were analysed as part of this research. Indirect emissions from consuming

utilities or raw materials that emitted @® not included as part of this study.

et

A similar approach has been useT/Wey et al. (201

The BF, coke oven and BOF gases are commonly known as works arising
gases (WAGSs), and have a fuel value as shown in TableThe composition
of each WAGs is different, therefore the overall calorific value differs from

one gas to the other. The flue gasm the sintering unit has zero calorific

value, and is released to the atmosphere as a common p{sdiieg et al.,

201?. The other three WAGs are combusted at different locations to generate

electricity or heat as required.

Table 4-1: Compositions and calorific values of the works arising gases from steel mill, which

are as used fuebdapted from (Arasto et al., 2013
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According tqQArasto et al. (201)3the coke ovemas has the highest heating

value of 38.4 MJ/kg, as shown in Tablel Hydrocarbons and Hare present

in the coke oven gas, tlefore giving it thehighestheating value. The BF gas
has the highest concentration of £4hd has a heatingalue of 2.6MJ/kg, due

to the presence of CO ang.H'he BOF gas is highly concentrated with CO.
Secondary steelmaking in the BOF unit converts carbon in the hot metal iron

from the blast furnace into CO by blowing purg @nd theefore the BOF gas

has a higltoncentratin of CO (Kuramochi et al.2013.

Figure 42 istheflow diagram of the WAGs flowing throughout the studied
steel mil. WAGs are used dslel in the sintering unit, secondary steelmaking,
central power station and turbo blower house. Central power station (CPS) uses
the fuel togenerate electricity to use within tlseeelmill. The turbo blower
house (TBH) uses the fuel to power the blowers that supplies air to the blast

furnaces.

The largest volume of WAGs flowing through the mill is the BF gas. It has
the lowest heating valud all three, but approximately 62% of it is used in the
CPS and TBH. The blast furnace stoves use approximately 32% of the BF gas.
Coke oven gas witthe highest heatingalue of the all three WAGs, is used
throughout the mill. Approximately 33% of the coke oven gas is used for firing
coke ovens during coke production. The CPS and TBH uses approximately
30% of coke oven gas as shown in Figw2. #Vith a large volume of WGs
flowing into the CPS and TBH a carbon capture technology after these two

units can recover a high volume 60, emitted In the steel mill studied the
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two units (CPS and TBH) are within close proximity to one another so

additional complexity of pumpinfijue gas will bereduced.

Figure 4-2: Sankey diagram of energy flow of works arising gases withithe steel mill (based

on measured data from studied steel mill)
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Figure 43 shows the percentages of £é&missions from different units
within the steel mill. It is to be noted that this mill has not got an iron ore
pelletising unit. A pelletising unit can also contribute to a large percentage CO
emissions as shown in Figurel4lt is clear from Figure-8 tha point source
CO, emission from this mill is highest from the CPS and TBH. Approximately
44% of CQ is emitted to the atmosphere by these two units. This clearly
indicates that the best location for a posinbustion capture technology for
the steel millis after the CPS and the TBH. Applying a capture unit with the
ability to recover 80% or more of G@rom the flue gaswill ensure 35% or

more CQ emission reduction from the steel mill.

Figure 4-3: Percentage breakdown of point source C@emissions from each unit in the studied

steel mill (based on measured data)

4.1.1Flue gas onditions from CPS and TBH

The studied steel mill has a total of nine boilers within the CPS and TBH
units. The conditions and éhcompositions of the flue gas from these boilers

are shown in Table-2. The flue gas from TBH boiler 3 has a lower flow rate
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when compared with the rest. At the time of investigation TBH boiler 3 was

under maintenance, therefore had a low output. Ther tbilers were working

at full capacity. It can be seen from Tabl2 4hat the flue gases from WAGs

combustion at the CPS and TBH have a C€@ncentrationin the range of 23

25 vol%. These values are higher than that of pulverised coal fired or natural

gas fired power pIarTSingh et al.,, 2003 Chemical absorption using amines

have been mentioned

iMetz et al. (200pto perfom well at lower CQ

partial pressures conditions in the flue gas. Membranes and adsorption

technologies are more efficient at higher £Ogartial pressures in flue gas

Chue et al., 19980 et al., 2008r1 The CQ composition in the flue gas from

CPS ad TBH makes it attractive to be used with adsorption or membrane

separation technologies.

Table 4-2: Flue gas conditions and compositions from CPS and TBH (based on measured data

from studied steel mill)

When all the nine boilers of the CPS and TBH are working at full capacity

the flue gas from them will have G@oncentratiorbetween 225 vol%. The

temperatures of the flue gas will be in the range of1I86C. Mixing these
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gases and sending it to a dmgoint post combustion capture unit would be
feasible. A single point capture unit would have minimised operational cost

and lower installation capital cost, then having multiple capture units.

4.2 Conclusions from the CQ Mapping Study

The largest two contyutors to CQ emissions at the studied mill are from
CPS and TBH. The emissions from these two units are approximately 44% of
the total direct C@emissions from the steel mill. Approximately 27% of the
direct CQ emissions are emitted from the stovestltd blast furnace. The
sinter and coal preparation are approximately 13% of the total diregt CO

emissions.

Capturing and sequestering €@ing a post combustion unit after the CPS
and TBH, can decarbonise the mill by at least 35% (assuming the capture un
can recover 80% of the G@&rom CPS and TBH). To reach the target of 50%

reduction to current emission levels by the year 2050, novel technologies

proposed by ULCOS needs to be appligdllwood and Cullen, 2009

Kuramochi et al., ZOIT\/\/SA, 2014T The technologies proposed (Top gas

recycling BF (TGRBF) and Hlsarna) are in its developing phase. TGRBF and

would require changes to existing BF and Hlsarna would require changes to the

conventional method of steel makingkuramochi et al., 20]?2 Post

combustion capture using a retrofit separation technology after CPS and TBH
could act as an interim solution to reduce @missions per tonne of steel
produced. If Hisata and TGRBF become techaoonomically feasible it
would replace the retrofit capture from TBH and CPS to achieve the target of

50% reduction in C@emissions.
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The concentrationof CO, in the flue gas from CPS and TBH is

approximately 2325 vol%. Adsorpthn separation technology is suitable for

these conditiongMetz et al., 200r5 It needs to be technically analysed if more

than one stage would be required to re@€h product purity to meet transport

by pipeline standal.
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5 CO, Capture Using Chemical Absorption
tBenchmark Study

As seen in Chapter 4, the flue gas from the Central Power Station (CPS)
and Turbo Blower House (TBH) has a £€bncentration in between 25

vol%. This value is higher than that of flue gasnira pulverised coal fired

power plant (13L5 vol%) or natural gas fired power plant§301%) (Singh et

al., 2003. [Metz et al. (P05 has mentioned that amine scrubbing ,CO

separation is more suitable in capturing from low,€@ncentrated flue gas.

Amine scrubbing is the most matured technology for, G@aration that
has been proven aommercial scales. There is a good understanding on the

technical feasibility of the technology. There is commercial software that is

able to model large scale @®eparations from flue gd€hapel et al., 1999

Singh et al., ZOOTI\/Ietz et al., ZOOF As part of this research, a benchmark

study using MEA for C@ scrubbing was conducted. The results from the
benchmark study will be compared with capture using adsorpticvaoate

the performance of using adsorption.

5.1 Process Modelling Chemical Absorption

The two film theory proposed Pyvhitman (192f can be used to describe

the mechanism afhemicalabsorptionMolecules ardransferred in the bulk of

the phases through convectioarrent It is assumed that there is a dagid
interface separating the bulk gas and bulk liquid. On either side of the interface
is a stationarythin film for both gas and liquid, as shown in Figure 5All

mass transfer resistance is assumed to be coneehtnathesetwo films. CO;,

from the bulk gas is transported by molecular diffusion througlg#ésdilm.
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CO, then enters the liquid filmand is absorbed by the liquid. Chemical

reactions binding the amine with @®tarts in the liquid film. The bounded

CQO, diffuses through the liquid film onto the bulk quufSinnott and Towler

2009|Khan et al., 2014lLiu, 2014. It is mentioned bI,Khan et al. (201Lthat

the CQ reactiors with amines is a fast reaction, therefore all chemical

reactions takes place in the liquid film.

Figure 5-1: Two film model representing CO, mas transfer from gas to aqueous solution

during chemical absorption (adapted from{Khan et al., 2011

The chemical reactions occurring in the liquid film are complex and can be
represented byfive main reversible reactions for primary and secondary

amines.Mono-ethanolamine (MEA) aqueous solution reaction with, GO

represented by equationlsto 55 (Liu et al., 1999gAbu-Zahra et al., 200%b

Equation 5-1: lonisation of water

Equation 5-2: Dissociation of CQ
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Equation 5-3: Dissociation of MEA

Equation 5-4: Formation of carbamate

Equation 5-5: Disassociation of carbamate

Study of thermodynamic models to represent the valguid equilibrium
(VLE) of agueous amine witbour gas has gained large interest in the past two

decades. A model by Kent and Eisenberg has been widely used and is

considered as one of the simplest md#@&hl andNielsen, 199). The model

assumes that the activity and fugacity coefficient are equal to one, considering
ideal solutions and ideal gases. Equilibrium constants of equatidremé 54
representing the amine disassociation and carbamate formatioegaessed

on experimental data of carbon dioxide solubility on aqueous amine solution.
Similar set of equations could be used for secondary aminedyli#e in
equations 8 and 54 needs to be replaced by the secondary amine.- Kent

Eisenberg model is capabof modelling primary amines, secondary amines or

a mixture of them botfKohl and Nielsen, 1997

Even though the KerEisenberg tarmodynamic model is simplehere
havebeen discrepancies foumdVVLE calculationsvhen the model is used for

very low orvery high acid gas loadings. There is aloargument that the
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model does not represent accurately, thizked acid gas system&ohl and

Nielsen, 199Y.

Further works to improve the Keltisenberg model have been conducted

in the past. Details of such works can be found elsewft@‘ﬂl and Nielsen

1997. Li-Mather thermodynamic model is considered to be a better

representation of the vapeliguid equilibrium than the KerEisenberg model.

It is defined in a similar way to the KeRisenberg model but the agty and

fugacity coefficient is not equated to one (xidaal solvent and gasiKohl and

Nielsen, 199Y.

Commercidly availablechemical process modelling software is egeip
with thermodynamic models to represent sour gas and aqueous amine solvent
vapour liquidequilibrium. Aspen HYSYS is an example of aech software.

KentEisenberg and EMather models are integrated withthe software to

represent equilibrium baseskparation of acid gas using alkanolamiy@s

2010.

A more complex model to peesent VLE is themodel presented by

Austgen et al. (1999 which useselectrolyteNRTL model (electrolyteNon

Random Two Liquid). The model accounts figorous chenwgal equilibria
and mass balance this model the activity coefficienn the liquid phase are
represented by electrolyt¢RTL. The fugacity coefficients in the vapour phase

are represented by Redlitwong equation of stat@.his model is particularly

sutable for rate based separatTnm et al., 1999h

The mass and heat transfer in absoréed distillation column can be

represented by equilibriurbased separationr nonequilibrium separation
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(rate based) model. €hequilibriummodelassume vapourliquid equilibrium
at each stage of the column. The variation from equilibrium is represented by
tray efficiency for tray columns or height equivalent of a theoretical plate

(HETP) for packed columndhe rate based simulationodel assumes that

vapourliquid interface only occurs in the interfa¢eiu, 2014. In considers

material and energy balance, mass and energy transfer ramyrirquid

equilibrium and liquid phase reactions with reaction rates for each (stiaiget

al., 1999}: A more detailed comparison of the equilibrium and rate based

separation model is given elsewhef€aylor et al., ZOOF Rate based

separation is considered be thermodynamically rigorous, but a more accurate

representation afour gas and aqueous solvent chemical absorption according

to[Taylor et al. (200B Currently available versions of Aspen HYSYS have the

capability of modelling rate based separation in columns. This research was
modelledwith an older version of Aspen HYSYS, which did not have the add

on for modelling columns using rate based separations.

The study byZhang et al. (ZOOSTbcompared rate based separation and

equilibrium based separatidty mimicking a pilot scale demonstration. It was

concluded thatherate basednodelperforms better than the equilibrium based

model Others like(di, 201Q have slbwn that the equilibrium model is also

capable of representing practically sound results with correct utilisation of
steady state operational unithis research is an investigation by comparing
different CQ capture technologies to fit into steel makifg equilibrium
based separation model, therefore would be sufficient for this staéiy.ther

sensitive analysis is to be conducted, a rate based model is recommended. Li
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Mather thermodynamic model was chosen for modelling &8orption due to

its beter accuracy than the KeRisenberg model.

5.2 Modelling CO, Capture using Aspen HYSYS

CO, capture using chemical absorption involves two main process;
absorption and desorption. Desorption is sometimes termed as regeneration.
The absorption process invek acid gas diffusion followed by the chemical
reactions with the alkanolamine$he absorber columms operated in a
countercurrent manner where the g@éch flue gas is fed to the bottom of the
column, while the lean amine enters the column from theTioe temperature
profile in the column isnfluencedby; heattransferbetween the two phases
due to the temperature differenceaheeleasedrom chemical reactiong)eat

released or absorbedue to water condensationor vaporisation and heat

releasedo the atmosphergKvamsdal et al., 20Q9When CQ is absorbed by

the downFRPLQJ VROYHQW WKH VROYHQW{V WHPSHU

cause water to be vaporisébwardsthe top of the columrthe colder solvent

will cause water to condensjﬂévamsdal and Rochelle, 20r38I'he lesulting

temperature profile will show a distinct temperature bulgés mentioned by

Kvamsdal and Rochelle (Zor)fhat the temperature bulge is commonly located

near to the column midpointhe regenerating process involves regeneration of
the solvent by splitting the GQGrom it. This is an energy intense endothermic
proces. The energy is supplied to the stripper column as steam generated by a
re-boiler. A simple illustration of the chemical absorptitmwsheet is shown

in Figure 52.
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Figure 5-2: Chemical absorption simpleflow sheet(adapted from {@i, 2007))

The pretreated flue gas is cooled and blowmto the bottom of the
absorber column. The rising up flue gas interacts with the counter flowing
solvent which has been recycled back to absorber column through the top of
the absorber column. The decarbonised gas leaves the absorber through the top
of the absorber. In reality a water wash would be incorporated to the top of the
absorber column to reduce amine slippage. The rich amine strelaich
contains the absorbed @Qs pumped through the heat exchanger to the
regenerator by the rich amine pumpn Additional pump between the heat
exchanger and regenerator column might be needed, depending on the height

of the column.

The rich amine enters the regeneration column at one of the top stages and
is heated by the steam generated by tHeorker. The vaorised portion of the

rich amine is directed towards the condenser. The condenser is a reflux
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condenser, in which the condensate is returned back to the top of the
regenerator. The lean amine stream, which has lost most of #{de&2@es the

regeneratocolumn through the bottom end.

The lean amine stream is then pumped across the heat exchanger. The heat
exchanger provides the surface area for heat exchange from the lean amine
stream to the rich amine stream. Heating of the rich amine stream before it
erters the regenerator column using the cross heat exchanger, is energy

efficient. A minimum temperature approach of@@vas set when modelling in

Aspen HYSYS with accordance to work dongMisher et al. (2005 The lean

amine exiting the heat exchanger is cooled down further and is mixed with
makeup amine and water. There is iamn slippage with the decarbonised gas
and amines would be lost due to salt formation and oxidation. The cleaned gas
and CQ product stream would contain a small percentage of water. Loss of
amines and water requires continuous raaestreams, which is imed with

the lean amine before it is recycled back to the absorber.

5.2.1Process nodelling CO, capture using ASPEN
HYSYS

The literature(di, 2009) was used as a reference to-geta model of

chemical absorption in HYSYS. Initially it was necessary to build a model for

chemical absorption and validate the results against published data. Ene pap

by |Tobiesen et al. (20Q7published by SINTEF was used for validation.

SINTEF is a research organisation with expertise in research into chemical

absorption. The work gy obiesen et al. (2007 as considered CQrapture

IURP EODVW IXUQDFH %) WRS JDV DQG XVHG 6,1
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modelling CQ capturglTobiesen et al. (20Q’has consideretivo scenarios for

CO, capture; top gas from a conventional BF and top gas from a nitrogen free
BF. The nitrogen free BF produces a top gas richer i @l carbon
monoxide. It also contains lesser amount of nitrogen. The model representing

the conventional BF was replicated in Aspen HYSYS and the obtained results

were compared with the work [iybiesen et al. (2097

5.2.1.1Model setup in Aspen HYSYS to replicate SINTEF
study

The BF top gas specifications mentioned|bybiesen et al. (2097is

shown Table 8. There are two models mentioned in the paper; one a simple
absorbercolumn and the other has an int&oler to increase absorption. The
simple one absorber model was used for validation. The tray sizing utility

available in Aspen HYSYS was usednwdel packed columng similar to

the work byTobiesen etla(2007).

Table 5-1: BF top gas compositions and conditions from SINTEF stud{Tobiesen et al., 200y

The design requirements of the capture unit are mentioned in T&blg 5
is to be noted that ththermodynamic model in Aspen HYSYS does not
incorporate chemical reactions of carbon monoxide with alkanolamines, but
physical absorption would cause carbon monoxide to diffuse onto the solvent.

This could result in carbon monoxide slippage through the dbpthe
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regenerator column. Only a small quantity of carbon monoxide is lost due to
physical absorption, therefore the second design requirement was ignored when
modelling in Aspen HYSYSThe full completed flowheet in Aspen HYSYS

is shown in Figure 8.

Table 5-2: Design requirements of SINTEF mode({Tobiesen et al., 200§

Tobiesen et al. (200 entionsthatthe absorber and regenerator columns

are packed with Intalox Metal Tower Packing (IMTP) 50mm. Aspen HYSYS
containa library of paking materials in its directory.fle closest match to one

mentioned in the paper ike Intalox Saddles OHW D O L @)FdackiBgH U U\

material(HYSYS, 200%. The absorberra regenerator were therefore filled

ZLWK ,QWDOR[ 6DGGOHV OHWDO LQFK 3HUU\YV
HYSYS. SINTEF mentions of use of mowethanolamine (MEA) aqueous

solvent with 30% in mass of the amine. Aspen HYSYS allows simulating with
condtions of 1:29% mass of MEA in the solvent; therefore the simulations

were conducted with MEA 29% mass in the HYSYS model.
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5.2.1.2Results and discussion of the SINTEF modelalidation
The converged simulation in ASPEN HYSYS using the thermodynamic

model L-Mather was compared with results mentioned by SINTEF. TaBle 5
summarises the comparison between them. Aspen HYSYS has gobaift

tray sizing utility which is capable of sizing converged packed or trayed
columns. A converged column in HYSYS can be modelled in the tray sizing
utility to calculate the pressure drop, column diameter and column height. The
design parameteflooding percentage for the column needs to be entered into
the tray sizing utility.The Sherwood.evaEckert (SLE) general pressure drop
correlation is used by the tray sizing utility, to calculate the column pressure
drop and cross sectional area. Furttietails of the correlation and procedure

to calculate pressure drop and cross sectional area can be found elsewhere

Kister et al., 200]2 The packing factor and the HETP (height equivalent to

theoretical plate) fodifferent packing material are obtained from vendors and

are inbuilt with HYSYS (HYSYS, 2007. These values are then used to

calculate the column height, diameter and pressure drop.

Aspen HYSYS was simulateslith design criteriaof 80% capture giving a
CO, production of approximatel¥20,000 kg/h. The regenerator was ws&th a
design criteriorto work with steam at about 122 A temperature approach of
10°C was set for the rich lean cross heat exchanger. The sizings of the columns
were performed using a flooding design criterion @®maximum flooding in

one stagef the columns.
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Table 5-3: Summary of the comparative study between SINTEF model and HYSYS model

Table 53 compares the results obtained from the Aspen HYSYS model
with the SNTEF model. The model in ASPEN HYSYS is able to recover
79.9% of CQ from the flue gas. When comparedhwihe SINTEF model this
is 0.13% less.CO, production is also less by 0.02%r the model in Aspen
HYSYS. The rich loading for both models are eqtal0.48 mol C@mol
MEA. The model in HYSYS is showing an increase of 4.78%am

consumgion when compared with SINTEF.

HYSYS is calculating a higher reboiler duty than SINTEF. This is due to
the outlet temperature of rich amine from the absorber coldweording to
SINTEF the rich amine is exiting the absorber at a temperature 15% more than

that calculated by HYSYS. There is no information about the temyperat

approach of the cross heat exchangsd by the SINTEF modglobiesen e

al., 2007. If assunmed that the temperature approach i$Qdor the SINTEF

model| to matchthe temperature approach set in HYSY8e SINTEF model
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will have a rich amine entering the regenerator column at a comparatively
higher temperature to that of the model in HYSYSHIYSYS the rich amine
enters the regenerator column at AM4and SINTEF will have a temperature
higher than 104 for the rich amine when it enters the regenerator column.
This will allow the model by SINTEF to have a lower reboiler duty (lesser

volume d steam) than the model by HYSYS.

The lean loading is lower in the model representing SINTEF, when
compared with HYSYS. It is to be teal that in the SINTEF uses MEA mass of
30% in the solvent. The HYSYS model u$éBA mass of 29% in the solvent.
This digrepancy will mean that the HYSYS model will have a solvent with a
larger concentration of watefhis would also mean that lean loading will be
lower in the case of the SINTEF model when compared with the HYSYS
model. The comparativellgigher lean loadingvithin HYSYS would result a
higher liquid loading and circulation on the absorber column. This can be
observed in Table-8. The relatively higher liquid loading on the absorber
column would require an absorber with a larger diameter as shown in Fable 5

3.

The conclusioa from the comparative study shows that the model in Aspen
HYSYS can be adjusted to achieve the required €pture rate and recovery,
with an increase of 4.77% steam consumption in the regenesaioent lean
loading in HYSYS is lowethan that of SINTEF. The variation of the MEA
concentration in the solvent for the two models can give different lean
loadings. HYSYS is showing an increased liquid circulation throughout the

flowsheet, due to the higher concentration of water in the sblve higher
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liquid load on the absorber column would require more surface area for solvent
gas contact. This would require a larger diameter for the absorber column. To
understand and investigate the discrepancy in heat of absorption in HYSYS a
basic calometer experiment needs to be modelled and compared with

published data.

5.2.1.3Investigating the heat of dsorption in HYSYS

As explained in the previous section, there is a discrepancy in the heat of
absorption calculated by Aspen HYSYS and the model publisheINTEF.
The exothermic reactions occurring during the absorption process disperses
heat. It is necessary for thermodynamic models to represent the heat dissipated
accurately, since a costly input of heat is supplied in the regenerator column to
reversethe reactions. As a further investigation, a model was created to
replicate experiment conducted using calorimeter to study the heat of

absorption.

According to the stoichiometry for MEBarbon dioxide absorption, half a

mole of CQ is absorbed by one nebf MEA. The literature Qyathonat ef

al. (1997 mentions that this limit could be exceeded if physical absorption and

hydrolysis is considered. Physical absorption and hydrolysis is small when
compared to the chemical reactive absorption. It is therefore expected for the

heat of absorption to reduceaanthe saturation stoichiometry is reached.

A model in HYSYS wassetupto represent the experimental-sigt of the

work done byMathonat et al. (1997andKim and Svendsen (2097 Figure 5

4 shows the schematic for the modehgetin HYSYS. The inlet temperature

and pressure were set t0°@0and 2MPa respectively, to copy experimental
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conditions. An absorber unit with one stage was set to représemnéaction
calorimeter. The LMather thermodynamic model was used in the absorber
column. The adaptive damper in HYSYS column solver was activated to

overcome problems with convergence.

The experiments conducted|Eym and Svendsen (BJ) andMathonat et

al. (1999 measures the change in enthalpy due to absorption using a reaction

FDORULPHWHU &KD QJ ¢anlréprd3epithk De@t $lisgpet] tue to
chemical absorption if the system is assumed isothetmakder to calculate

the enthalpy change, the absolute enthalpies of all the streams mentioned in
Figure 54 needs to be obtained from HYSYS. It is complicated to obtain the

absolute efttalpies of the streams through Aspen HYSYS since it had different

offset references for each compon@dlYSYS, 2007. The offset references

are confidential data and is not accessible. A modified model with coolers was
setup to obtain heat duties in outlet streams. Figutedhows the modified
model fowsheet in HYSYS. The cooler duties were then used to calculate the

change in enthalpy, using equatio®.5

Figure 5-4: Schematic of the calorimeter experiment setup in HYSYS
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Figure 5-5: Modified flow sheet in HYSYS to calculate change in enthalpy

Equation 5-6: Change in enthalpy due to heat of absorption

It is mentioned bﬁresta (200Bthat the heat of reaction of carbon dioxide

with MEA is approximately-84.46kJ per kmol of CO absorbed. The

calculated results of heat of absorption from HYSYS were cordpaith

published experimental results frqikim and Svendsen, 20pFigure 56 is a

comparative graph of the results obtained. It is clear from the graph that once
the stoichiometric saturation point is reached there is dramatic reduction in
enthapy change for the calorimeter experiment. This drop Hy,s IS not

shown in the HYSYS model.

It is clear from the enthalpy study that theMather model in HYSYS is
a good approximation for MEAQO, absorption for the leading loading below
0.5. The model is not capable of representing for higher inlet loadings since it
does not incorporate saturationsaflvent. The data representinglie 56 is

attached to the Appendix.
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Figure 5-6: Comparison of change in enthalpy for MEACO, absorption with published

H[SHULPHQWDO UHVXOWYV ‘ $VSHQ +<6<6 Kinsaté& &vendseH Q@ H[SHULPH

2007 (-) textbook {Aresta, 2003

5.3C0O, Capture from CPS and TBH using

Chemical Absorption

It was concluded from Chapter 4 that approximately 44% of total direct
CO, emissions of the studied steel mill are emitted to the atmosphere through
the flue gas of the CPS and TBH. This research is investigating the techno
economic performance of GQ@eparation technologies suitable for conditions
representing post combustioapture from the flue gas of CPS and TBH. As a
benchmark study amine chemical absorption using MEA, was modelled in
HYSYS. CQ separation using MEA chemical absorption has been proven in

large scale, and there is vast knowledge on the challenges with ltegphno

Chapel et al., 19€SrMetz et al., ZOOF Process modelling the separation

process with economic evaluation has been widely studied, and the final results

obtained are similar to results from real world capture using N&#gh et al.

2003|Abu-Zahra et al., 200f[Abu-Zahra et al., 200Fa
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5.3.1Technical evaluation of MEA chemical dsorption
on HYSYS for CPS and TBH

The inside boundary limit (ISBL) enclosing the units investigated in this
research is shown in Figure7s This is a comparative study investigating the
most suitableCO, separation than can be applied for the CPS and TBH of the
studied mill. Flue gas preeatment and the desulphurisation unit have not been
modelled as part of this study. It is assumed that the flue gas from the CPS and

TBH are cleaned off from partitates, SQ and NQ to the relevant

recommended values mentioned|®kliapel et al. (1999%nd/Rao and Rubill\

(2003. With the above assumption the ISBL was drawn to include the capture

and posftcapture compression units as sinaw Figure 57.

Figure 5-7: ISBL boundary line enclosing the units investigated in this research

The flue gas from the CPS and TBH goes through an electrostatic
precipitator (ESP) to get the particulateemoved. It then enters the

desulphurisation unit, where the flue gas is desulphurised to have less than

10ppm SQ@Q concentration{Chapel et al., 1999 The flue gas then exits the

desulphurisation unit and is assumed to have a temperature®of &8
atmospheric pressure. The 10ppm level of desulphurisation would allow

lessened degradation of the solvent and enhance absorption in the column
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Chapel et al., 19¢

9The flue gas from the desulphurisation unit is blown to a

pressure of 110 kPa armboled to a temperature of 58C4and enters the

absorber column. The flow diagram of the units within the ISBL is shown in

Figure 58.

Figure 5-8: Flow diagram inside the ISBL boundary for chemical absorpion post combustion

capture

5.3.1.1Modelling and assessment of the capturenit

The capture unit was setup on HYSYS with a similar layout to the

flowsheet shown in Figure-3. The flowsheet in Figure-8 details the model

of the capture with names for equipmeartd streams. A water wash was

modelled separately to ensure that the decarbonised gas has less than 3 ppm

amine leakagq

Karimi et al., 201

. In realworld scenario the water wash

would be incorporated on to the top of the absorber column. It is also to be

noted that the model in FigureSis in its simplest form to understand techno

economic feasibility. If it is to be implemented onto the industrial site more

pumps wouldbe requiredthroughout the flowheet, to overcome pressure

drops and to pump the solvents/utilities to higher elevations.

The flue gas enters the ISBL boundary through the stieklne Gasfrom

the desulphurisation unit. It is blown to higher pressure by the Flu8lGager
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and is cooled by Coolet, before it enters the absorber column through the
stream3-Flue Gas The strean8-Flue Gasenters the absorber column and is
contacted with the recycled solvel?-Amine Mixed The stream43-Cleaned
Gasand 14CO, for Compressionare the outlet streams of the capture unit,
they are sent for water wash and compression units respeciiielystreams
10-H,O Makeup and 11-Amine Makeup are additional inlet streams
contributing to the loss of water and amine through the top of the absorber and
regenerator columrDetailed conditions and compositions of the streams with

in the capture unit are mentioned in Tablé.5

Figure 5-9: Detailed flowsheet of MEA chemical absorption capture unit

It is assumed that water for cooling, make and water wash is obtained
from an existing source esite at 26C. Coolerl, cooler2 and the condenser
of the regenerator were modelled as shell and tube heat exchangers that used

water as the cooling utility. The-tmiler of regenerator column was modelled
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as a kettle rdoiler, which used low pressure steam as the heating utility. It
was also assumed thatate at 50kPa pressure is generatedsite to be used

for the capture process.

Table 5-4: Conditions and compositions of the streams in the capture unit (compositions in

mole fraction)

A design threshold of 85% or more recovery and purity of 95% or more in
mole of carbon dioxide in streaf-CO, for Compressiorwas set as design
target. This was achievable with the model with a total absorber volume of
1252 n? and a total regenerator wwohe of 601m The capture unit was
modelled to have four columns each for absorption and regeneration. As an

initial assumption it proposed that the absorber and stripper columns are
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manufactured by third party esite, therefore reducing problems withiktges.

The performance of the capture unit is summarised in Table 5

Table 5-5: Summary of the performance of chemical absorption capture unit
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5.3.1.1.1 Modelling the water washfor the absorber clumn

The cleaned gas (sweet gakd;,CleanedGasis further processed through a

water wash to remove the MEA before it is released to the environment. It is

mentioned byKarimi et al. (201 that the cleaned gas should have less than

3ppm amines according to environmental good prag¢htiasinghe (2011

has showed, through process modelling, that iktheet gas could be cooled to
temperatures less than®60through a water wash, the vaporised amines could
be reclaimed. Using this design factor, a water wash column was modelled for

the sweet ga$3-flue gas.

Figure 5-10: Flowsheet of water wash column

To achieve a temperature of less thaf8n adjuster was used in HYSYS
to control the inlet flow rate of the water for the water wash as shown in Figure
5-10. The streani3-CleanGasfrom the top outlet othe absorber contains

approximately 800ppm of MEA, which needs to be reduced to less than 3ppm.
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This was achievable with a water flow rate of approximately 37.8tonne/h. The
final overhead vapouf,6-Sweetgasis the final stream released to atmosphere
had 2.99 ppm MEA. The details of the streams within the water wash are
shown in Table %. The water wash column was modelled as absorption
column to understand the sizing and water requirement. It was assumed that
there is no significant pressure drop acrtss column. The column was

modelled to have two sections and had internal structured metal packing.

Table 5-6: Conditions and compositions of the streams within the water wash section

The design properties of the water wash was calculated using the tray
sizing utility in HYSYS. To achieve the required solveatovery the water
wash column needed to have a diameter oin7.&nd height of 1.881. This
allowed the process to achieve l&ssn 3ppm solvent leakage in the sweet gas

with a maximum flooding of less than 40%.

CAPEX costing of the water wash was not calculated separately. It was

assumed that the water wash would be combined with the absorber column as

demonstrated by the patggMimura et al., ZOOFand the work published by

Munasinghe (2011 This meant that thé&nal height of the absorber packed

column was 1.881 more than the value shown in Tabté.5

5.3.1.2Modelling and assessment of the compressiomiti
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The stream14-CO2Compressionenters the compression unit with a
pressure of 212 kPa and a temperature of°@6.6 is in vapour phase and

requires to be converted into dense liquid at high pressure suitable for

transport. A method proposed used|Kgrimi et al. (201} to achieve fnal

pressure of 110" kPa in a two stage process was used. The first stage
compresses the inlet stream with a series of compressors. The maximum
pressure ratio in each compressor was set as 2; this therefore required a seven
stage compression to rea@l75¢«10"kPa. The first six compressors were set at

a pressure ratio of 2 and the seventh used a lower pressure ratistdgeer
coolers were required, to cool the gas t6C3h between the compressors. The

critical temperature of CQis 31.PC and criical pressure is 0.%40" kPa

Karimi et al., 201L The second stage pumps the @@duct stream to a

dense liquid at T and pressure of X10* kPa. The schematic for the
compressin unit is shown in Figure-51. The final CQ stream can be
transported by pipelines to designated storage point. The final product stream
properties and compositions are illustrated in Table B is to be noted that

the 40-CO2Storagestream increasdéa CO, mole purity by approximately 5%,

when compared tothe inlet stream into the compression unit -(14
CO2Compression). This is because the inlet stream had a percentage of steam,
which was condensed in the first stage of the compression unit. The cethdens

steam was removed graally in between the compressors.
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Figure 5-11. Multi -section compression followed by pumping in the compression unit

Table 5-7: Stream conditions and compositions of the final C@product stream (compositions

in mol fraction)

5.3.2Economic evaluation of MEA absorption on
HYSYS for CPS and TBH

Economic analysis of the benchmark study was evaluated using the

equations giverni Chapter 3All costs were calculated in US dollars.

5.3.2.1CAPEX analysis

The equipment mentioned in Figured5vere cost estimated individually
using equations-2 to 33. Detailed parameters used for each equipment is
mentioned in Appendix, while a summary of each eqeipimcosting is
mentioned in Table-8. The total installed cost for the units in the base case is
$64.34 million. The offsite cost (OSBL) includes offsite work, design and

engineering and contingency and is estimated as 60% of the total installed cost

accading to|Sinnott and Towler (20Q9 This results in a fixed capital

investment (FCI) requirement of $102.95 million.
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The life.span of the capture unit and compression unit is assumed to be 30
years. If the FCI will be paid e@nnually though out the lfspan of the plant,
equation 34 can be used to calculate the annual fixed capital investment

(FClannua). The FClnnuais $10.92 million to pay for 30 years.

Table 5-8: Fixed Capital Investment for the equipment in benchmark study using MEA

scrubbing
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5.3.2.20PEX analysis

The total operating cost per annum (TOC) is equal to the sum of variable

operating cost (VOC) and Fixed Operating Cost (FOC).

5.3.2.2.1 Variable operating cost

It is assumedhat the site is operational for a total of 8000 hours per annum
to ensure more than 90% operation throughout the year. The main five variable

operation costs are

x Degradation and evaporation of solvent

X

Electricity cost

X Steam cost

x

Cooling water makeup treaent cost

X

Waste disposal cost

The MEA degradation is equal to 1.5kg of MEA per tonne of @Cthe

flue gas according fAbu-Zahra et al. (2001b|n addition to degradation some

of the solvent is lost through the top of the absorber column. The total loss of

MEA annually is calculated as 3025 tonrgsHYSYS. The cost of MEA is

assumed as $1500/tonne MEarimi et al., 201 Therefore the annual cost

of MEA replacement is equal to $4.54 million.

Electricity is consumed by pumpslowers and the compression unit. The
total power consumed in the benchmark model is equal to 19.32MW (obtained

from HYSYS). The plant is operated for a total of 8000 hours per annum.

Therefore the total consumption of electricity is 1.58%¥0h.[Sinnott and
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Towler (2009 has mentioned that the average price for wholesale electricity is

equal to $0.07 per kWh, therefore the total cost of electricity consumption per

annum is equal to $ 10.9 million.

Steam at 0.6 MPa pressuredah6(C is required by the rboiler of the

regenerator. It costs $8.9/tonne of steam at this quality to be prothicedtt

and Towler, ZOOF The total steam used annually is equal to 2.8 wdifnes.

Therefore the totatost of steamsed is equal toZB.92million per annum.

The cooling water makeup and treatment cost is mentioned as

approximately $0.0042/tonne of water circulal&ihnott and Towler, 20Q9

The base case circulates 1.751%#@'h of water. Thereforéhe total annual

cost for cooling water makep and treatment is equal to $0.59 million.

The disposal of degraded solvents is assumed to be sent to the landfills and

the cost for this is mentioned [8innott and Towler (20Q%s approximately

$50/tonne. The total loss of solvent annually due to degradation is equal to
2990 tonnes. The cost of waste disposal to landfill therefore is equal to $0.15

million per annum.

Table 5-9: Variable operating cost annually for benchmark model using MEA
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The total VOC per annum is equal to $41.08 million. Individual VOC with

their cost and the total VOC is summarised in Tab®e 5

5.3.2.2.2 Fixed operating mst (FOC)
The factors contributing towards tleerall FOC per annum is mentioned

in Table 33. The labour cost is estimated by calculating the number shifts

required for operating the unifSinnott and Towler (20Q9mentions that a

chemical processing site would requtteee shift positions; a shift position
costs approximately $60,000 per annum. It is assumed that the capture unit and
compression unit would require a total of five shift positions, resulting in

annual labour cost of $0.3 million.

The individual FOC werecalculated using the information provided in
Table 33. The summarised FOC for the benchmark MEA model with total

overall FOC is shown in TableB.

Table 5-10: Annual fixed operating cost for benchmarkmodel using MEA

5.3.2.3Cost of @apturing CO, +MEA benchmark model
The total operating cost (TOC) annually is a summation of VOC and FOC,;

therefore TOC is equal to $46.83 million per annum. To calculate the total
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annual capture cost (TACC), TOC and Ezaneeds to be added together.

The summary of the cost for base case using MEA is shown in Tdldle 5

Table 5-11: Total cost for capturing CO, benchmark study

For the benchmark model using MEA the total annu@, Captured is
equal to 1.71 million tonnes. Using equatioi® 3he cost for capturing GO

was calcleted and is equal $33.77/tonne of £LO

The cost of capturing CQloes not include the additional emissions during

the capture and compression procédsch of the literaturqRao awnl Rubin,

2004 |Abu-Zahra et al., 2007gHo et al.,, 2008b KDV XVHG WKH WHUP 3

FDUERQ GLR[LGH DYRLGHG™ WR LQFOXGH WKH LQIO
The net amount of CQcaptured includes the emission of £during capture

process. The consumables Iswas steam and electricity have been assumed to

be obtained from outside the ISBL limits, but they emit,@den they are

generated. The net G@aptured is the exclusion of these indirect emissions

from the total amount of C{aptured from CPS and TBH.

This study assumes that indirect £@mission is only contributed from
consuming steam and electricity. The operational cost of consuming cooling
water and waste to landfill is less than 2% of the total variable operational cost,
therefore the indirect CQemission from these are ignorelthe emissions for

generating steam and electricity are 0.219kg&kWhy, and 0.491kgCakWhe
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respectively(DECC, 201}. Using these values and the total steam and

electriaty consumed per annum, the net £€aptured was calculated, the
results are summarised in Tablel®. Using equation -3 the cost of C®

avoided was calculated to bqual to $44.92/tonne of GO

Table 5-12: Summary of net CO, captured MEA benchmark model

5.3.2.3.1 Comapring CO; avoidence with published Litrature

The cost of CQavoidence have been calcualted by many auTRHs andg

Rubin, 2004Singh et al., 20QAbu-Zahra et al., 2007’|a-|o et al., 2008p It is

quoted to be between $3®B0/tonne of CQavoided. The benchmark model
created in HYSYS as part of this resgmhas not included the desulpisation
unit. Work by other authors, mentionedbove, have considered the

desuphuisation unit and used it calcuate the final cost of @@idence.

To include a desulphurisation unit for final cost of 8@pture, a similar

approach to that ofSingh et al., 2003 In his work|Singh et al. (2003

calculates the size of the desulphurisation using the one sixth rule (equation 3
2) and d&a from a pilot scale MEA scrubbing GOapture plant. Operational

costs for desulphurisation unit were assumed to be a percentage of the installed

desulphurisation unit. For this reserdata from(Singh et al., 20g3was used

to size a desulphurisation unit and calculate the variable operational cost. The
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calculated results of installation cost and operating cost are summarised in

Table 513.

Table 5-13: ISBL installed cost ad variable operating cost for a desulphurisation unit

The amended cost of capture with inclusion of a desulphurisation unit is
$51/tonne CQavoided. This result is within the range of other published work
mertioned above. The result from this study is compared with published

results as shown in Figurel2, and is within the lowerange of the capture

cost.

Figure 5-12: Comparison of CO, avoided cost with published literature
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6 CO, Capture Using Physical Adsorption

This chapter has considered using adsorption as the separation technology
to capture C@from the flue gas of the central power station (CPS) and turbo
blower house (TBH) ofhte studied st mill. It was concluded from Chapter 2
and Chapter 4he condition of the flue gas from CPS and TBH has high CO

partial pressure. At high COpartial pressuresadsorption technology is

expected to perform we‘IChue et al., 1995 Therefore a techreconomic

performance analysis for capturing &m CPS and TBH is covered in this

chapter.

6.1 Process Modelling of Physical Adsorption

The selective separation that occwisen gas mixtures come in contact
with porous material can be used to describe the adsorption phenomena. The
gas mixture would contain different molecules with different strength of
interaction with the solid surface. Some molecules have a strongerciia
than the others; this is used to favour the adsorption of the strongly interactive
molecules onto to the solid surface. A bond is formed between the porous
solid material (sorbent) and the molecule in adsorbed phase (adsorbate). This
bond can beither a weak intermolecular bond or strong covalent bond. If the

molecule is held by intermolecular forces, it is termed as physisorption. The

latter is called chemisorptiTRichardson et al., 20QRVilcox, 2013.

Chemisorption involves activated electron transfer leading to a slow
processwhich in many cases is irreversible. It also contributes to high heat of
adsorption with restriction to a monolayer specific site adsorption.

Physsorption has low heat of adsorption compared to chemisorption and
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involves rapid, noractivated reversible bonds. In some cases polarization can

occur. It is also non site specific and can cover mono or Hlaykir adsorption

Ruthven, 1981

Physisorption is more preferred for €€apture than chemisorption, due to

the above mentioned reasofmﬂetz et al., 200’5 This research focusses on

CO, separation by physisorption. Physisorption is an exothermic process.

Ruthven (198ftexplains this as follows. The entropy changehia adsorbed

molecule is negative, since the degree of freedom of the molecule in the gas
SKDVH LV UHGXFHG IURP WKUHH WR D PD[LPXP RI W

1 should also be negative.

Equation 6-1: Entropy equation

The main forces contributing to the intermolecular bond in physical
adsorption are the van der Waals forces (dispersion and repulsion). In some
systems there are additional electrostatic forces in addition to van der Waals
forces; thee systems contain a charge or surface disruption. Metal organic

frameworks and zeolites are two sorbents known to have an ionic structure and

therefore demonstrate electrostatic forgeathven, 1984Wilcox, 2019. It is

mentioned byRuthven (198} that the van der Waals forces are dominant in

many systems but if the sorption involvesadbing smaller dipolar molecules,

such as KD, electrostatic forces shows dominance.
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6.1.1Adsorption equilibria

6.1.1.1Adsorption equilibria of single components

Adsorption isotherms can define the equilibrium relationship of the sorbate
in the gaseous phase and the adsorbed phase at given temperatures. If a
quantity, g of the sorbate is adsorbed onto the sorbent, the relationship between
the amounts adsorbed is fanction of partial pressure and temperature
(equation 62). The plot of amount adsorbed (q) versus the equilibrium partial

pressure (P) at constant temperature is known as the adsorption isotherm

curves{Yang, 199Y.

Equation 6-2: Amount of sorbate adsorbed as a function of partial pressure and temperature

There are five main forms adsorption curves can take, as shown in Figure
6-1. Type 1, 2 and 4 are the most common forms. Type 1 defines a sorbent
with micro-porous nature and adsorption is coldid by the saturation of
micro-pores. In this setting the pore sizes are similar to the gas/liquid
molecules diameter. This gives a mono layer adsorption when the pores are
completely filled. Sorbents with a wide range of pore size will display a type 2
isotherm. Type 2 is a multilayer adsorption isotherm, after completion of the
first layer an inflection point is reached in the curve which than will be
followed by multi layers of adsorption. Type 2 is displayed for sorbents having
macro pores. Type 4 ide¢rm is common in sorbent containing mesoes. It
is similar to type 2 but the adsorption stops when the relative pressure reaches

unity. The relative pressure is the ratio of absolute pressure and the saturation
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pressure. Type 5 isotherms is similartgpe 3 isotherm in conditions of low

relative pressur¢Ruthven, 1984Yang, 1997|Thomas and Crittenden, 1998

Wilcox, 2013. At higher relative pressures saturation can be seen. CO

adsorption on zeolite 13X and activated carbon (AC) will show a type 1

isotherm relationshipChue et al.1993.

Figure 6-1: Classification of Isotherms into five typeqRichardson et al., 2002

Many equations have begwoposed to define the isotherm curves of
different types. The equations are either theoretically based or based on

empirical data. Most of the equations define the isotherm curves well in low

pressures and fail in higher pressuréhomas and Crittenden, 1?98n his

book,|Yang (1997 has mentioned many theories to represent the isotherm

curves. The Langmuir isotherm theory is one of them. The Langmuir theory
and the Langmuir isotherm proposed in 1918 is still one of the most common
equilibrium principe used today. The Langmuir isotherm was derived on the

basis of dynamic equilibrium between the adsorbed phase and the gaseous
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phase. It was suggested that the adsorption was directly proportional to the
pressure, p, and a fraction of empty space orlaai adsorbent site {1
'"HVRUSWLRQ zZzDV VDLG WR EH SURSRUWLRQDO WR

/IDQIJPXLUYV WKHRU\ PHQWLRQV WKDW DGVRUSWLRC

The equilibrium relationship is represented by equatied® 16homas andl

Crittenden, 199r3 It is very common to represent the Langmuir relationship as

shown in equation -@. Where b is #ky and @, is monolayer adsorbed
capacity. The constants &Bnd kadsorption and desorption constants.ldw
pressures equation 5 LV LQ D OLQHDU IRUP ZKLFK LV DQD¢

law equation. This represents the initial part of the type 1 isotherm curve. The

+HQU\YV LVRWKHUP PRGHO G RQ WKLV SULC

Equation 6-3: Langmuir adsorption and desorption equilibria relationship

Equation 6-4: Langmuir isotherm

The Langmuir isotherm in its simplest form is based on the following

assumptiongYang, 199ﬂThomas and Crittenden, 1998

X Mono-layer adsorption only

X The adjacent molecules in the surface doimeract with one another.

X Molecules only accommodate one adsorption site and do not migrate.

X The heat of adsorption is constant and is not influenced by the coverage

of the surface.
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The Langmuir principle has been developed further to overcome the above

assumptions, details of it is found elsewhﬁang, 1997%. One such model is

the BET model. This model incorporates the necessity to consialétayer

adsorption. Theype 1 isotherm is the only isotherm curve to represent
monolayer adsorption; all other isotherm curves show the possibilities of

havng multilayer adsorption. The BET isotherm model derivation is explained

elsewhere(Thomas and Crittenden, 1998&ichardson et al., ZOTZ It is

mentioned that BET model is a rigid model abledpresent types-2 of the
isotherm curves. The BET model is widely used to determine the surface area

of porous material.

Much of the published literature has shown that adsorption of @O

zeolite 13X and activated carbon (AC) can be successfullysepted by the

Langmuir isotherm modikikkinides et al.,, 1998Chue et al., 1995Gomes

and Yee, 2002Ko et al., 200p This research is focussing on adsorption of

CO, from flue gas using zeolite 13X and AC, therefore the Langmaidel

was used to represent the equilibrium model.

6.1.1.2Multicomponent adsorption equilibria

The importance of considering the effect of other components in gaseous
phase is emphasised for post combustion capture. The flue gas will contain the
desired sorbat€0O,. Other components such as nitrogen and oxygen will also

be present in the flue gas. Flue gas will also contain impurities of unburned

fuel and water vap0L1|Gomes and Yee, 20PZThe single component isotherm

models presented in the previous section can be adjusted to include the

influence from other components. There are many theories present to represent
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multicomponent adsorption. Detailed explanation of such theories caute f

in (Ruthven, 198and{Thomas and Crittenden, 1T)8

The Extended Langmuir isotherm is the most stable and reliable model in

ASPEN ADSIM for multicomponent adsorptiofAspentech, 204 The

derivation of the Extended Langmuir isotherm can be found in the following

Yang, 199Y. Its final form, to represent loading of component i, is shown in

equation €5.

Equation 6-5: Extended Langmuir Isotherm

The Extended Langmuir isotherm is a popular medtinponent
equilibrium model for C@ and nitrogen mixtures to be adsorbed on zeolite
13X and AC. Extended Langmuir is one of the availabletircomponent
equilibrium models in ADSIM. It has also been used widely in research and

published data has shown high stability and reliability in modelling carbon

dioxide/nitrogen adsorptioIKikkinides et al., 199TChue et al., 199850mes

and Yee, 200Ko et al., 2004Chou and Chen, 2094

6.1.2Adsorption kinetics

In earlier years it was assumed that the adsorption was controlled only by
equilibrium, therefore the adsorption took place instantly. This simplified
process calculations but in reality this is false. Various resistaare present
that control the speed and limit the flow of the sorbate from the bulk gas to the

adsorption site. A sorbate in the turbulent bulk gas surrounding the pellet and
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experiencing a concentration gradient will diffuse through a laminar boundary
layer around the exterior of the pellet. The sorbate then diffuses through further
regions of mass transfer resistances to reach an adsorption site. During
desorption this process is reversed. Since adsorption is exothermic and the
adsorbed sorbate relessheat, the heat is dispersed out of the particle and it

undergoes somewhat similar resistance to mass transfer. The rate of heat

dispersion is vital in deciding the capacity of the sorlf&ithardson et all,

2003.

The modelling of adsorption requires the coupling of the adsorption
isotherm with the mass and heat balance equations. This research assumes that
the adsorption process for carbon dioxide capture isdsoi for simpler
process modelling; therefore the mass transfer resistance will only be

discussed. More details on heat transfer rate and resistance can be found

elsewherdRuthven, 198"Yang, 199‘ﬂThomas and Crittenden, 1998

Wilcox (2013 in her book has categorised the resistanebgh a sorbate

undergoes from bulk gas to its final destination of the porous adsorbent site

into three. They are as follows.

X The resistance due to the thin layer of laminar fluid (boundary film)
surrounding the pellet.

X The resistance in the maepores(the space encompassing the pellet
surrounding micregpores)

X Inter-crystalline resistance in the miepores.
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The laminar film surrounding the pellet is known as the external mass transfer
region while the macrpores and the intarystalline region iseferred as the

internal mass transfer region.

6.1.2.1External mass transfer resistance

The rate of mass transfer from the bulk gas to the solid surface of the pellet
is limited by the layer of laminar fluid. This mass transfer rate can be expressed
in accordanceR1 )LFNY ODZ DQG LV -bLIYddQbeEsedd ThAtEnéd/ L R Q
rate of mass transfer is proportional to concentration difference@f) across

the boundary film and the external surface area of the pelleTha mass

transfer coefficient khas he unit m& {Thomas and Crittenden, 1T8

Equation 6-6: Mass transfer rate in the boundary film region

It is mentioned bI)Richardson et al. (ZOTIhat the boundary film does not

contribute to a large amount of mass transfer resistance, unless in exception of
unsteady conditions when the pellet is first introduaethé bulk gas. Unlike

mass transfer the boundary film is said to contribute largely to heat transfer.

With correlated data from experiments it has been proposed that the
boundary layer mass transfer coefficient can be expressed using dimensionless

Sherwoda number (Sh) given by equation/5

Equation 6-7: Film mass transfer coefficient expressed in terms of Sherwood number
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In equation 67; ks is the film mass transfer coefficient, B radius of the
paricle, Dy, is the molecular diffusion, Sc is Schimdt humber and Re is the
Reynolds number. The relationship between Sherwood number and film

transfer coefficient in backed beds is correlated by equatiorio8 Reynolds

number in range of-30* {Yang, 1997

6.1.2.2Internal mass transfer resistance

6.1.2.2.1 Single straight cylindrical pore diffusion
The diffused sorbate from the boundary layer enters the peilgth

consists of a complex network of pores. As mentione@Vidgox (2013 the

diffusion through the network of micro/macro pores is the internal mass
transfer.The pores can be categorised to macropores & A), mesopores

(20 A < d,< 50A) and micropores gk 20 A) where ¢ is the pore diameter

Yang, 1997. For simplicity mesopores are considemsimicropores when

calculating peoe diffusion As an initial step of understanding pore diffusion,

the pore diffusion through a single cylindrical pore is considered which then

would be elaborated to understand the whole of the p¥letg, 1997.

The diffusion in pores is defined by the sorbate molecules collision. They
collide with one another, the pore wall or both. In relatively large diameter
pores the collision between molecules will prevail more than the collision
between molecules artle wall. This therefore results in molecular diffusion
(Dm). When the pore diameter decreases there is an increase in collision

between molecules and the pore wall, resulting in a diffusion mechanism

known as the Knudsen diffusion ()QRichardson et al., ZOTZ
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The mean free path of gas molecules is used in deciding which of the above

diffusion mechanism is more dominant. As a rule of thumb it is considered that

Knudsen difusivity will show dominance if the mean free path is ten times the

pore diameter. If not molecular diffusivity will show dominance in the pore

diffusivity

Richardson et al., 20()¥ang, 199Y.

Knudsen diffusivity (R) is given by equation-8 and it relates to the loss

in momentum due to the gas molecules colliding with the pore wall.

Equation 6-8: Knudsen diffusivity

Where pis the pore radius in centimetres, T is the temperature in Kelvin, and

M is the molecular weightfdhe sorbate. The calculated Knudsen diffusivity is

in cnfs?.

Equation 6-9: Chapman-Enskog to calculate molecular diffusivity of binary gases

Molecular diffusivity can be calculated using thHeéhapmarEnskog

equation as shown in equation96 Where P is pressure in NinT is

temperature in K,&g is the collision diameter nm, | is the dimensionless

collision integral and M and Ms is molecular weight of the gases A and B.

The calculated R has the unit mg. The values of the collision diameter and

collision integral have been published in many literature and they can be found

in

Cussler, 200

P

Cussler (ZOOFobtained a similar expression to equatie® 6
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proposed using empirical data. It is equatioii06 and does not require

estination of &g and |I.

Equation 6-10: Molecular diffusivity equation from empirical data

Where T is temperature given in K,aMind Ms are the molecular weights of
WKH WZR JDVHV 3 LV SjisHhé\soOundtidnQ@f ® diffudighG ™ Y

volume of component A and B.

In is mentioned byyang (1997 and|Wilcox (2013 that when the mean

free path and pore diameter are of the same order of magnitude or if the mean
free path is not kmwn an approximation to the net diffusion, D, from both
molecular and Knudsen can be made using equatidn 8 is assumed that the

molecules diffusing experience equimolar counter diffusion, during adsorption

and desorptioTThomas and Crittenden, 1998

Equation 6-11: Net diffusivity from Knudsen and Molecular

6.1.2.2.2 Diffusion in porous orbent

The net diffusion in equation-B1 is derived from the assumption of a
single cyindrical pore, but in reality the sorbent has a highly complex pore
network. Therefore in reality the sorbate diffusing through a porous sorbent

will have an effective diffusivity less than the net diffusivity calculated in
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equation 611.Yang (1997 has mentioned that the sorbate tramglithrough

the porous pore would have tortuous pathway. There is also free space in the
pore which is not available for diffusion. Therefore the tortuosity factognd
the inter-pellet void fraction,@ are used to calculate the effectdiffusivity De

as shown in equationB2.

Equation 6-12: Effective diffusivity

6.1.2.3Mass balance in the pllet

The mass balance within a spherical pellet controlled by macropore
resistance is shown in equatié/13. Where c is the concentration of sorbate in

the fluid phase,@ is the pellet porosity, q is the concentration of sorbate in

adsorbed phase and R is the particle rTﬁuﬂhven, 198WWiIcox, 2013.

Equation 6-13: Mass balance in a spherical particle with racro pore controlled resistance

It is mentioned byyang (1997 that some systems display dominance in

micropore resistance. If assumed that the micro particle crystals can be
considered as identical spheres surrounded by a uniform sorbate concentration
throughout the pellet. The mass balance equation within mi@spegiven by
equation €14. Isothermal conditions are assumed, since heat transfer is rapid

when compared to sorption.
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Equation 6-14: Mass balance equation for micrepore crystal

Where r is the micro pacle crystal radius and fOs the intercrystalline

diffusivity. If D is constant equation®4 can be represented byl b.

Equation 6-15: Micro -pore crystal mass balance with constant intecrystalline diffusivity

In molecular sieve sorbents the internal resistance is a combination of
micropore and macropore resistance. Simultaneous equations covering both
resistances needs applied and solved for such systems. A simplified approach is

to eliminatethe mass balance in the particle. It is called the linear drive force

1

(LDF) approximationfYang, 199}. LDF was proposed hlueckauf (195

and it relates the ovall sorption rate to the bulk concentration of the sorbate.
Equation 616 is the linear drive force equation for a spherical pélle¢. R, in

the equation is the pellet radius, iB the overall diffusivity in the pellet, and k

is the mass transfer coefficiente Ban be by micrgore effective diffusivity,
macrapore effective diffusivity, or a combination of both. The LDF gives a
linear function, relating the equilibrium amourftsorbate adsorbed (gwith

the amount adsorbed in the sorbent. The LDF equation coupled with the
isothermalequilibrium equation carbe used taalculate the mass transfer in a

pellet.
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Equation 6-16: Linear Driving Force approximation for mass transfer in a pellet

It is mentioned bEang (1997 that the validity of the LDF approximation

is limited to conditions representingetERpZ > 0.1. It is also only valid for

conditions following a linear or slightly curved equilibrium isotherm.,@@d
N, and adsorption on zeolite 13X and AC display a type 1 isotherm and will be
separated using cyclic process. Therefore the LDF approximation can be

applied for CQseparation using adsorption.

This research assumes that the mass transfer resistarnie pellet is
controlled by Knudsen and molecular diffusivity. Therefore the overall

effective diffusivity was calculated using equations8 @&o 612. Other

published work, such as the work dongkay etal. (2009, has used the same

assumption to define the mass transfer rate in a pellet for a system with CO

and N.

6.1.2.4Mass balance in the bd

With the definition and understanding of the mass balance transfer in the
pellet the mass balance for the ovelst under isothermal conditions can be
defined by equation-&7. In reality axial mixing causing axial dispersion can

occur in the bed. It is desired to reduce axial dispersion to increase efficiency

in the adsorptio{Wilcox, 2019. The first term on the left of equationl@

represents axial dispersion, wherg iB the axial dispersion coefficient. If the

condition in the bed is axial pug flow, the first term on lgfé can be omitted

Richardson et al., 200RVilcox, 2013. The second term on the left of
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equation 617 represents the convective flow in the bed. The interstitial
velocity, u, which is equal to the fluid superficial velocity divided by the bed
cross sectional area is assumed constant. The third term represents the
accumulation of the adsorbate in the fluid phase. The fourth term represents the

rate of adsorption onto the solid sorben

Equation 6-17: Mass balance equation in the bed

Dynamic results are obtained when equatieh76is coupled and solved
with equation €16 for given boundary conditions. In the presence of multi
componat in the fluid, equations -86 and 617 must be solved for all

components separately. The final overall mass balance continuity for all

components must be satisfirfhomas and Crittenden, 1998

6.2 Modelling CO, Capture using ADSIM

There was a necessity to investigate the isothermal equation and the pellet
mass transfer rate in ADSIM. ADSIM does not have abduitt library to
represent the parameters defining mass transfer and equilibrium. The
equilibrium parameters and ehmass transfer coefficients for GGand N
adsorption was investigated from literature and was adapted to match

$'6,01V LQSXW UHTXLUHPHQW
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6.2.1Equilibrium isotherm parameter i nvestigation

The etended Langmuir isotherm equation can be used to represent CO

and N adsorption onto a solid sorbent. The extended Langmuir equation in

ADSIM has the format shown in equationlB8 (Aspentech, 2004 The

loading, w, of the sorbate i onto the sorbent is proportional to the partial
pressure Pof the sorbate i. The isotherm variation at different temperatures is
included in equation-@8 using the teperature of the sorbent {T Equation

6-18 has included the influence of other molecules (competitive adsorption)

and k represent the total number of components in the system.

Equation 6-18: Format of the extended Langmuir equation in ADSIM

The extended Langmuir equation is popular for modelling &{3orption

on zeolite 13X and AC. Authors have used different relationships to define the

isotherm parameters @HP,). |Kikkinides et al. (199F has used a similar

representation to equationl®.[Chue et al. (1995andChou and Chen (20?4

have used anxponential dependency for the isotherm paramagt€oset al.

(2009 has used a dual site Langmuir equaifang et al. (2013&has used a

multi-site extended Langmuir equation.

6.2.1.1Correlation and calculation of the isotherm grameters
IP1-1P4

The parameters IPIP4 were correlated and calculated by interpolating

data from{Chue etal., 1995. The single component isotherm equatief was

reorganised to the linearised format shown in equatid®.6The saturated
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loading (q,) and Langmuir isotherm parameter (b) were obtained from the
plots created. The gradient of and the interadpthe plot p/q versus p was

used to calculate,gand b.

Equation 6-19: Linearised Langmuir equation

The saturated loading ] and the Langmuir isotherm parameter b were
obtained for differenttemperatures. Using equations2® and 621 the
isotherm parameters of the extended Langmuir equatiopIFiP were
calculated. The calculation was done for all gaseous molecules in the system
(COzand N). The calculated extended Langmuir equation isothgarameters

(IP1-1P4) are shown in Table-®.

Equation 6-20: Equation to calculate the saturated loading to IP1 and IP2

Equation 6-21: Equation to calculate the Langmuir isotherm parameter to IP3 and IP4
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Table 6-1: Isotherm parameters for extended Langmuir equation (ACGactivated carbon)

To validate the isotherm parameters calculated, equatithdas sed to

create isotherm curves for G@nd N at different temperatures. The isotherm

curves were then compared with published literature &&jare 62 shows the

curves representing isotherms for £&ahd N on zeolite 13X compared with

experimental restd from (Cavenati et al., 2004 Figure 63 compares

isotherm curves created for g@nd N on AC compared with experimental

data from

Dreisbach et al., 1999

Figure 6-2: Isotherm comparison of experimental data versus model in this study (zeolite 13X)
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Figure 6-3: Isotherm comparison of experimental data versusnodelin this study (AC)

It can be seen that the coefficient of determinatich {& the plots is more
than 0.95 for all six curve&®? indicates how well a curve fits data points. If the
value of R is equal to 1, it means that the regression line is a perfect fit. If the
value of R moves towards zeros the regression line fit is not fitting data points.

Further details of calculation and explanation &fdan be found elsewhere

Johnson, 2009 This means that the isotherm parameters {P4) and the

extended Langmuir equation is able to represent &@ N equilibrium on

zeolite 13X and activated carbon.

The sorbent zeolite 13X has a higl@®, loadingthan AC according to

Figures 62 and 63. At higher pressures the loading capacity on AC gradually

overtakes the loading capacity of zeolite 1®{riwardane et al. (20¢land

Zhang et al. (20J)0have proved this in their workSiriwardane et al. (2091

has shown that zeolite 13X perfasrhetter at pressures below 3¢®a. AC out

performs zeolite 13X at pressures above RP@. This is explained as the
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effect of higher surface area and total pore volume in AC when compared with

zeolite 13X (Zhang et al., ZO]TO The physical characteristics of the two

sorbents arehown in Table &.

Table 6-2: Sorbent physical properties{Zhang et al., 201T

It is also clear from Figure-B increase in temperatures has got an adverse

effect on CQand N loading on the zeolite 13X. This is also true for sorbent

AC and has been shown elsewhﬁbang etal., ZOJTO

6.2.2Mass transfer coefficient nvestigation

The LDF representation for mass transfer (equatid®)éin the pellet can
be used in ADSIM. ADSIM allows the user to enter aueafor the mass
transfer coefficient, k in equation¥s. ADSIM also has the option to calculate

micro-pore and macrkpore resistance using properties of the sorbent and

sorbate entered by the ugéispentech, 2004 The previous method is known

as the lumped resistance and is simple to compute. It requires the user to enter
the mass trafier coefficient, k, and solves the LDF equation in parallel to the
mass balance equation of the bed. An option to choose a quadratic driving

force (QDF) for the representation of the mass transfer rate in the pellet is also

available in ADSIM (Aspentech, 204 QDF is a modification to LDF to
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represent less favourable isotherms, and metaild can be found iﬁuthven,

1984.

6.2.2.1Calculating the mass transfer oefficient for the LDF

To use the LDF, the overall mass transfer coefficient (lumped mass transfer
coefficient) needs to be calculated. Assuming that the sorbent is spherical, the
mass transfer rate can be written as followgdquation 6€2. The unit of k is

given as 3.

Equation 6-22 Mass transfer coefficient

For zeolite 13X assuming that the pore diffusivity is dominant in the pellet.

The effective diffusivity, @, can be calculated using equatior8  612. A

similar approach has been usedKy et al. (200%.[Kikkinides et al. (1998

andChue et al. (1995have assumed equilibrium based separation of &0

N, on AC. Therefore k is set asifor both CQ and N adsorbed on AC.

The properties of zeolite 13X and the sorbate @@l N shown in table 6

3, and were used to calculate the effective diffusivity of the sorbate.
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Table 6-3: Properties of zeolite 13X and sorbate for calculation of effective diffusivity

Table 6-4: Effective diffusivity and mass transfer coefficient of CQ and N, on zeolite 13X

The calculated mass transfer coefficient for zeolite13X is shown in table 6
4. It can be entered onto ADSIM to be used with the LDF equatient &

assumed earlier, the mass transfer of,@@d N on AC is instantaneous

Kikkinides et al., 199F The LDF equation for AC will be simplified and will

be represented by equatiot28.

Equation 6-23: LDF equation for CO, and N, on activated carbon

6.2.3Work done by the blower and vacuum pimp

It is necessary to define and calculate the work done by the vacuum pump

and the blower, to evaluate the economics of, C&pture using adsorption.
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The work can then be converted to power to calculate the electricity consumed

by the capture unit. EquationZl has been used by others to calculate the

work done by the blower and vacuum pu"m‘ﬁang et al., 2013a

Equation 6-24: Equation to calculate the work done by blower and vacuum pump

The term W is the work done by the blower or vacuum pump and has the
unit Joules (J). The terfiqoar (Mol/h) is the flow rate of the gasy RI/motK)
is the universabasconstant, T(K) is the absolute temperature ands the
efficiency. Efficiency of 75% has been used as part of this research. The term
Phigh/Pow IS the pressure ratiot is theratio of specific heats and ised ad.4

in this study. The term, t represents the time in hours

6.2.4Modelling breakthrough study in ADSIM

As part of the full scale setup for modelling of £&sorption, the initial
requirement was to model a breakthroggidy and validate the results against
published literature. A simple bed setup was modelled in ADSIM as shown in
Figure 64. The same model was used to validate breakthrough curves for
zeolite 13X and AC, but the bed properties and flow conditions wated/to

match the literature used.
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Figure 6-4: Simple model flowsheet for breakthrough analysis

6.2.4.1Modelling activated carbon breakthrough sudy

The work byShen et al. (20)lwas used to validate breakthrough curves

for AC in ADSIM. [Shen et al. (20)1has used a fixed bed to conduct an

experiment to understand the breakthrough behavio@Gsfon AC. The AC
used in the experiments is a synthesised pitch based activated carbon. The

sorbent has been produced in State Key laboratory in China and the preparation

method is detailed eIsewheTleiu et al., 1999h The sorbent has a specific area

of 845.87n/kg. According tdShen et al. (203ithe sorbent is a small pored

AC, therefore the simulation used in the paper considers-angstalline

diffusivity combined with pore diffusivity. In ADSIM the proposition made by

Kikkinides et al. (199B which said that adsorption on AC is equilibrium based

separation, was used@he mass transfer coefficient k was set t3, &nd the

lumped mass transfer model was used in ADSIM.

The properties of the bed ancthorbent are detailed in TablbGnd 66
respectively. These properties were replicated in ADSIM to study the

breakthrough behaviour of Gn AC. The feed flow conditions used in

119



ADSIM, to replicate the work conducted hghen et al. (203)1lis shown in

Table 68.

Table 6-5: Properties of the bed for activated carbon breakthrough analysis

Table 6-6: Properties of the pellet for activated carbon breakthrough analysis

Table 6-7: Feed flow conditions for activated carbon breakthrough study
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Figure 6-5: Comparison of breakthrough curves for AC

6.2.4.1.1 Analysis of the breakthrough study for activated arbon
Figure 65 shows the comparison of the breakthrough curves foroAtbe

model created in ADSIM and the wordone by |Shen et al. (20)1 The

coefficient of determination @ for the curve is 0.820The two plots start to
differ after 300s when the bed is starting to get saturaieeality the bed will
see a temperature increase with adsorption, fibverereducing the loading
capacity of the sorbent. In ADSIM it is assumed that the conditions are
isothermal, therefore no temperature change is experienced. With no
temperature change in the bed the ADSIM model will not experience a

decrease to the loadjncapacity. This can be seen kigure 65. The curve

representing the work Qyphen et al. (20)1 shows that the bed reaches

saturation a little bit earlier than the curve for the model repratdmye

ADSIM.
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Another variation in the breakthrough curves is seen towards end when the

bed is getting fully saturated. The breakthrough curvgsfan et al. (20)1is

showing a less steeper curvettae end compared to the ADSIM mod8hen

et al. (201} has mentioned that the synthesised AC has small pores and has

considered intecrystalline diffusivity combined with pore diffusivity. ADSIM

model uses a simple equilibrium based separation model proposed by

Kikkinides etal. (1993

. The small pores in the AC will cause migore

diffusion. Micro-pore diffusion will cause a slower saturation, producing a less

steep curve at the end. The breakthrough cun@heh éal. (201] displays

this, but this phenomena is visible for the breakthrough curve from ADSIM

model.

It can be concludethatthe model created in ADSIMhas a bed saturation

point at approximatel300s. The breakthrough curvg$iien et al. (20Q)1has

also got a bed saturation point at approximately 308s.model is ADSIM is

not able to replicate the breakthrouglrveafter thebed saturation point. The

assumptions; isothermal adsorption aeduilibrium based separation in

ADSIM is causing thiglifference This researcinvestigates process modelling

of cyclic bulk separation of COThe adsorbent bed will only be used uphe

saturation point (t < 300sps soon the bed starts saturatingg bed will be

purged and regenerated making it ready for the next cycle. Therefore the

assumption of equilibrium based separation with isothermal conditions would

be sufficient for this research.
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6.2.4.2Modelling zeolite 13X breakthrough sudy
Thebreakthrough studipy|Wang et al. (201?b/vas used and replicated in

ADSIM to model breakthroughf CO, on zeolite 13X|Wang et al. (ZOlThas

used zeolite 13XAPG sorbent, which has been provided by the UOP company
in China. It is mentionethat the sorbent used is similar to the commercially

available zeolite 13X sorbent. The properties of the bed and the pellet used by

Wang et al. (20121bfor fixed bed breakthrough modelling is shown in Tables

6-8 and 69 respectively. The conditions of the feed are shown in Tah® 6

Table 6-8: Properties of thebed for zeolite 13X breakthrough study

Table 6-9: Properties of the pellet for zeolite 13X breakthrough study

The model in ADSIM has used the assumption that mass transfer rate is
controlled by pore diffusivity. Thefere Knudsen and molecular diffusion

define the overall effective diffusivity. The LDF approximation was used to

123



represent the mass transfer rate in the pellet. The mass transfer coefficient
shown in Table @€ was used in ADSIM. The extended Langmuir equat

(equation 618) was used to represent equilibrium ditions. The

breakthrough curveof |Wang et al. (2012rbwas compared with ADSIM

PRGHOTV EUHDNWKURXJK FXU&¥H DQG LV VKRZQ LQ

Table 6-10: Feed flow conditions zeolite 13X breakthrough study

Figure 6-6: Comparison of breakthrough models for zeolite 13X
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6.2.4.2.1 Analysis of the breakthrough study for zolite 13X
According to Figure @, the bed for ADSIM model starts saturating at

approximately 800s. The breakthrough curve from the WO@Q et al

(2012h also has a bed saturation point at approximately 800s. Afte30ibe

the curves for the ADSIM model and model byare showing differences.

ADSIM breakthrough curve shows a steeparve after 800s. The work by

Wang et al. (ZOlﬂbis showing a breakthrough curwbatis damped towards

full bed satwation. According to Figure-6 the breakthrough curve for the
ADSIM model is showing that it takes approximat&B00s to fully saturate
the bed. The other breakthrough curve is showing approximately 2700s to

fully saturate the bed.

Wang et al. (ZOlabhave used a muiBite Langmuir isothermal equation.

ADSIM model uses the simpler extended Langmuir equation that assumes

single site competitive adsorptiolhe model byWang et al. (2012rb will

have more adsorption sites, therefore the taes more time to get fully
saturated.ADSIM model, with its fewer adsorption sites, experiences the bed

to fully saturateat a lesser time.

It can be concluded that the ADSIM model is able to replicate the

breakthrough curve Qyang et al. (2011bfor conditions whereghe bed has

not startedto saturate In similarity to AC, this would be sufficient for this
researchThis research is investigating cyclic bulk €@moval, and therefore
will work in conditionsbeforethe saturating point (t < 800sWhen the bed
starts to saturate it will be purdjand regenerated, making it ready for the next

cycle.
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6.2.5Lab scale CQO, capture using ADSIM

Skarstom 4 steps cycle is a simple 2 bed continuous pressure swing
adsorption cycle. The cycle involves two beds working alternatively to adsorb
and regenerate the bed. The layout of the system involves two beds connected

by valves. The preess involves four steps as shown in figuié 6

Figure 6-7: Skarstom cycle with four steps illustrated adapted from{Thomas and Crittenden,

1998

The four steps of the &kstom cycle are as follows:

x Step 1: the bed is initially pressured with feed to the required adsorption

pressure. Some layouts can include pressurisation with the outlet gas.

X Step 2: Is the adsorption step where the bed is continuously fed by the
feed gasat adsorption pressure. The gas leaving the other end of the bed
has the less adsorptive gas molecules. In capture 9ff6Q flue gas

the outlet gas will be concentrated with. N
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x Step 3: involves a counteurrent depressurisation known as the
blowdown This step decreases the bed pressure causing the adsorbed

CO, molecules to desorb and exit the bed.

X Step 4: is the purge stephich uses the less adsorptive iNolecules in
countercurrent direction to push back the adsorbed @0lecules out

of the bed

The two beds work out of phase by ISOWKHUHIRUH HQDEOLQJ R
to be used as purge for the other bed in a continuous process. If the system
works in a way that adsorption takes place at pressure much higher than
atmospheric pressure and blowdown is applied at atmospheric prebsure
process is called a pressurersgvadsorption (PSA). If adsorption is applied at
pressures near to atmospheric and if the desorption is carried out at pressures
below atmosphericthe process it is known as vacuum swing adsorption
(VSA). The selection of pressure range varies fromsyséeem to the other as

chosen from isotherms for specific sorbents. It is also possible to use

temperature increment during desorptiphhomas and Crittenden, 1998

Wilcox, 2013.

The full layout of the 4 step Skarstom cycle is shown igufe 68. In
ADSIM it is possible to model the two bed 4 steps Skarstom cycle with a

single bed and an interaction unit. Setting up such a model is explained in the

Aspen ADSIM reference guidf&spenteoh, 2004 This setup on ADSIM is

shown in Figure ®. The interaction unit D1 shown in FigureQ&ecords the
purge flow conditions duringhe adsorption step, it then uses the recorded

purge details as the purge stream during the purge step. The step times and
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valve conditions during each steps is defined in the cycle organiser. The cyclic
organiser runs the model until the defined numlérsycles are completed or
until the model reaches cyclic steady state. Cyclic steady was set to be

achieved with an error tolerance of 11for all models.

Figure 6-8: 4 step Skarstom cycle model layouh ADSIM

Figure 6-9: Simplified layout of the model in ADSIM using the interaction unit D1
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6.2.5.1Modelling lab scale CQ capture usingactivated carbon

Shen et al. (201} have performed labcale vacuum pressure swing

adsorption (VPSA) for conditions relating to flue gas from a coal fired power

plant (CQ composition > 15 mol %)The flue gas has been created, in the lab,

by mixing CQ (1550 mol %) withN,. In their workShen et al. (20)1have

used one bed and applied the four steps shown in Figiur®6aring purge step
pure N has been used as the purge gas. This is a variation to the 4 step

SkarstomcfF O H LQ ZKLFK dédarHoriisddag ¥ usedsBurgegas

The work byShen et al. (2031 was replicated in ADSIM with the bed

sizing and pellet properties shown in Table® @nd 66. The extended
Langmuir isotherm (equation-B) was used with the parameters shown in
Table 61. Kinetics was modelled using LDF representation with a lumped

mass transfer resistance (k =s1).

6.2.5.1.1 Analysis of the lab scale study for activatedarbon

The lab scale model was conducted to check the validity of the ADSIM
model at different design parameters such as feed flow rate, feed pressure,

desorption pressure, nyerature and feed compositiohe results from

ADSIM, compared witlthe results from{Shen et al., 2031s shown in Table

6-11. For the cases 1 to 7, ADSIM is showing a higher recovery and purity of

CO,, compaed to the results tl;@hen et al. (20)1If we consider case 1 it can

be seen that the ADSIM model is showing, 13.22% higher @@ty then that

of (Shen ¢ al., 201}. Recovery of C@is also 2.60% more in the ADSIM

model. Therefore an increase in productivity can be seen in Taddd& the

ADSIM model.
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Table 6-11: Lab scale activated carbon in ADSIM compared with work ofShen et al., 201}L

It was expected for the ADSIM model to output a higher purity and

recovery of CQ, compared tTShen et al., 20)¥or the following reasons.

X The purge gas used in the experimental stugglbgn et al. (20)1s

pure N. The ADSIM model used the decarbonised gas from the top of
the bed The decarbonised gas will have-ahsorbed C@molecules.
Purging with gas containing wadsorbed C@will increase recovery

and purity in CQ product stream.

X The experimental work h§hen et al. (201) would have experienced

an increase in temperature, therefore having an adverse effect,on CO

loading. Isothermal conditions were assumed in ADSIM; therefore CO
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loading would have been constant throughout the cycle in the ADSIM

model.

It was also nted that the ADSIM model had a low recovery@®, for
cases 8 and 9 when compared to the experimental work. The cases 8 and 9
represent conditions of the feed gas having very highga@ial pressure. A
reasonable explanation for this variation can be rooted back to how the

isotherm parameters (IHR4) in equation €8 were interpolated. The data

used for interpolation was obtained frg@hue et al., 1995The CQ loadings

presented bChue et al. (1995s only up to 100 kPa. Therefore the equation

6-18 interpolated from thalata is not able to accurately define adsorption at

partial pressures more than 100 kPa.

It is mentioned bySiriwardane et al. (20Q1that AC shows a high

selectivity of CQ at high partial pressures, even more than zeolite 13X. This

research concentrates on capture of, @Olower pressure and desorption at

vacuum, for economically favourable reas@iietz et al., 200r5 Therefore the

correlated extended Langmuir isotherm using data T@hue et al., 195) is

sufficient.

6.2.5.1.2 A sensitive study on effect of purge/feedatio on CO, purity and
recovery

Purge/feed ratio is defined as the ratio of the flow rate of the purge stream
and the flow rate of the feed. The {atale study shown in Tableld uses a
purge/feed ratio of 7.5% for case 1. A sensitive study, by varying the

purge/feed ratio was modelled in ADSIM. The purity and recovery of CO
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obtained at different purge/feed ratio was analysed and is shown in Figure 6

10.

Figure 6-10: Activated carbon purge/feed ratio sensitive analysis

It is clear from Figure 40 an increment on purge to feed ratio has a
positive impact on C@recovery, but purity has a maximum value somewhere
around 8% purge to feedtim The purity then declines with an increment of

purge to feed ratio.

6.2.5.2Modelling lab scale CQ capture using zolite 13X

Shen et al. (ZOJFWOFK on AC was easy to reproduce in ADSIM because

all desgn parameters were given. There is limited literature with experimental

data for a simple 4 step Skarstom cyclic process, involving €&paration

using zeolite 13X. The two published onWang et al., 2013pNVang etal.,

201201 have results of experimental data for a 4 step Skarstom cycle but there

is no clear gplanation of the design parameters used.
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Wang et al. (2012‘bhas used a single bed experimental configuration and

applied the 4 step Skarstom cycle in similar procedure to the w{keai ef

al. (2013.[\wWang et al. (201?thas mentioned the achievement of qu@oduct

purity of 65% and recovery of more than 57%. The experiments were started

with CO, 15 mol% in the feed gas anaire N was used as purge gas. Even

thoughWang et al. (2012bmentions that the desorption pressure ikP@,

vital information such as feed pressure and times for each steps is not given.
This is causing limitation to replicate this experiment on ADSIM, to validate

and prove that such recovery and purity is achievable.

The other work byWang et al. (2013adetails a second stage 4 step

Skarstom cycle used to increase purity after an initial cyclic process. The work

therefore has involved a feed with €0f 50 mol% or more. Experimental

work has been conducted wang et al. (2013awith a single bed

configuration and the 4 steps of the Skarstom cycle were continuously run one

after the other. In similar f8hen et al. (20])1a purge gas of pure;Nvas used.

The properties of the bed and zeolite 13X pellet in the experiment are same

as shown in Tables 68 and 69. The feed flow conditions used in the

experiment is not mentioned in the papgiWang et al. (2013a therefore

reverse calculation was used to determine the feed flow rate. For example for
run 1 shown in table -2, the productivity of C@is given this with the
recovery of CQ can be used to determine the total moles of @@ into the

bed. Using the inlet mole fraction of G the inlet feed and the overall time

of pressurisation and feeding, the overall feed flowrate was calculated.
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6.2.5.2.1 Analysis of the lab scale study ofedite 13X

Table 612 shows the results obtained from modelling lab scale CO

capture replicated from the work [Wyang et al. (2013aln comparison to the

experimental results the ADSIM model is shiog a higher CQ purity and
recovery. The reasonable explanations for this difference are similar to that

given AC lab scale analysis. They are as follows

x Experimental work has used pure M purge, but the ADSIM
model uses decarbonised gas from the tdpthe bed. The
decarbonised gas is not purg W will have CQ molecules, that

would increase the purity and recovery of i®the product stream

X In reality there will be an increase in temperature in the bed,
causing the C®loading per kilogram of sbent to reduce. This
phenomenon is not modelled in ADSIM, because it is assumed

isothermal conditions in the bed.

X Mass transfer resistance in theolite 13Xare complex in reality. In
includes diffusion through pores and crystdis. ADSIM it is
assumedhat pore diffusion is dominant in zeolite 13Kherefore
mass transfer rate in thexperiment would be slower than that of

themodel created in ADSIM.
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Table 6-12: Lab scalezeolite 13Xin ADSIM compared with work of {Wang et al., 2012T

6.3CO, Capture from CPS and TBH using
Adsorption

As it was concluded from the chapter 2 and chapter 4 the conditions of the
flue gas rising from the CPS and TBH of the studied mililde suitable for
CO;, capture using adsorption. This section of the thesis will look at applying

CO, separation using zeolite 13X and AC.

6.3.1Technical evaluation of alsorption using ADSIM
for CPS and TBH

In similarity to processnodelling using HBYS forchemical absorption in
Chapter 5the ISBL boundary startster the dsulphurisation unit and finishes
after the CQ post capture compression. The ISBL boundary for the models

considering CQ@capture using adsorptias shown in kgure 611.

If the sorbeh used for adsorption is zeolite 13X the models needs to
include a dehumidifier. For the models using AC a dehumidifier will not be

required.
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Figure 6-11: ISBL boundary with the units for physical adsorption capture (CPSCentral

Power Station, TBH Hurbo blower house, ESPElectrostatic precipitator)

Three studies were considered and they are as follows

x Capture using zeolite 13X with a desorption pressure &P&®

(adsorption benchmark model)

x Captue using zeolite 13X with a desorption pressure dfiR8

x Capture using activated carbon (AC) with a desorption pressure 5

kPa

The model representing capture using zeolite 13Xaahekorption pressure of

5 kPa will be used as the benchmark model for therawo.

The dehumidified cooled flue gas entering the capture unit is assumed to
be a binary mixture, consisting only,ldnd CQ. This is a valid assumption
since any oxygen present in the flue gas will behave like vithin the
adsorption bed. The flugas conditions and properties are given in Taid8.6
As it can be seen from Tablel@ the volume of flue gas entering the capture
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unit is large. The flue gas will be split and directed towards trains of capturing
beds. This is necessary to reduce w@apy step times and bed sizes, and will

reduce the overall capital cost of equipment.

Table 6-13: Conditions and properties of flue gas entering the adsorption capture unit

As understood from the lab scatudy there is a necessity to have two or
more stages to attain a g@roduct with purity of more than 95 mol%. The
first stage will concentrate GQvhile maintaining a high recovery, and the
following stages will increase purity to the level required. e THatio of

predecessor stages to subsequent stages is 2:1 as shown inHigure 6

Intermediate tanks will be present in between the stages to maintain the
required flow rate into the succeeding stages. This is not illustrated in Figure 6
12. If two sectios in a stage are controlled precisely with the required time
lags, intermediate tanks will not be required. A detailed study of the impact of
having tanks or sophisticated complex control systems will be discussed in the

following sections of costing.
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Figure 6-12: Flue gas split and sent into different stages in the capture unit

6.3.1.1Application of CO, capture for CPS and TBH using

zeolite 13X adsorption
6.3.1.1.1 Capture using zolite 13X tdesorption pressure &kPa
Capturing ofCO, using zeolite 13X was conducted at a desorption pressure
of 5 KPa. The flue gas entering the capture unit was split and sent into forty six
sections in the first stage. The average flow rate of the flue gas entering one
section of stage s approximately 491.7 kmol/hr. The flue gas conditions are

shownin Table 613.

A layout of the beds and valve settings in one section of stage 1 is shown in
Figure 613. Stream 1 is the feed stream with varying flowrate, during
pressurisation and adgdion. Stream 6 consists of ti&0, product released

from the bed during blowdown and purge of the beds. Stream 11 will contain a
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higher purity of nitrogen and would be sent out through the stack or used for
purging the alumina beds in the dehumidifioati unit. Details d the

dehumidification uni@aregiven later in thishapter insection 6.3.2.1.1

Figure 6-13: Beds and valve layout for 4 step Skarstom cycle (stage 1)

Itismentionedbﬁilcox(ZOlz D EHGYV OHQJWK GHILQHV WKF

separation capability due to pressure loss along the bed. The pressure change in

a bed for laminar and turbulent flow is defined by the Ergun equation.
According to the Ergun equation the pressure change iacked bed is
proportional to the length (or height) of the bed. Taking this into consideration
the full scale models were simulated with smaller length beds. The beds were
said to have a height of 1m, while the diameter of the beds were increased to

accomnodate the high flow rate.
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The first stage desirable design outcome was to achieve a concentrated
product stream of COwith a high recovery. This was achieved with a high
purge to feed ratio. The purge/feed ratio of was set as 15% for stage 1. The first
stage has a total cyclic time of 900s, of which adsorption and purge is twice

that of blowdown and pressurising

The first stage for zeolite 13X is able to achieve a recovery of 93.4% CO
with a purity of 0.58 mole fraction. A further second stage was rmemti¢di
increase purity to above 0.95 mole fraction. The second stage was modelled
with many different purge/feed ratios to obtain the desired purity. The change
in purity and recovery in the second stage for different purge to feed ratio is

shown in Figures-14.

Figure 6-14: Variation of CO, purity and recovery for different purge to feed ratio in second

stage of the capture unit (zeolite 13X5 KPa)
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The second stage has a total cytlme of 600s; in whichhe times for
adsorption and purge is twice that of blowdown and pressurisation. It is clear
that an increase of purge/feed ratio is giving a higher recovery gftit®has
the adverseffect of lowering the purity. If the purge/feed ratio is set at 1i%o it
possible to attain a purity of 0.96 mole fraction L@ith a recovery of
87.56%. The overall recovery of GOs equal to 81.8%. This isvithin
comparabldevels,with the results obtained for capturing using MEA chemical

absorption.

The overall mass bahce for the two interacted stages is shown in Figure
6-15. Stage 2 has a total of twenty three sections; therefore the ovetall CO
production is equal to 4434.4 kmol/h (1.92 X 1@/h). The captured GO
product stream is then sent into the pzegbturecompression unit. The GO
compression unit is similar to the one for chemical absorption as explained in
Chapter 5. The only difference is an extra compressor in the compression stage.
The final condition of the COproduct stream has a pressure of 11Mith a

purity of 96 mol% CQ. The mass flow rate is equal to 1.92 X k§/h.
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Figure 6-15: Mass balance of the two interacting stages for zeolite 13X capture kPa)

6.3.1.1.1.1 Sensitive analysis of adsorption at  different temperatures

For the adsorption benchnkamodel, a sensitive analysis tme effect of
temperature change on g@urity and recovery was conducted. Stage 2 of the
adsorption benchmark model was simulated at two more different
temperatures. They ave 59.88C and 69.8%C (333K and 343K). The
benchmark model at 26 (323.15K) was compared with the other two. The
sensitive analysis was done at two different purge/feed ratios. The results are

summarised in Table-54.
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Table 6-14: Temperature increment sensitive study for on purity and recovery of CQ(zeolite

13X-5 kPa)

At higher temperatures the amount of C&dlsorbed onto zeolite 13X is
decreased. This gives a lower recovery o, @Cthe productstream as shown

in Table 614.

The purity of CQ does not change much with an increase in temperature.
An explanation for this in the considerably large flow rates in the @@duct
stream. This is the second stage of separation and the bottom produthédro
bed is of a large quantity. This can be seen in Figutb.6lhe purge stream
has relatively much lesser flow rate than the product stream, so it does not
influence the purity by much. It can be seen for purge/feed ratio of 1% the
purity remains thesame for all temperatures. At purge/feed ratio of 8%
increases the C{purity to 88 mol% from 87 mol%. This is because the purge
flow rate at 1% purge/feed ratio is much lesser than that of 8% purge/feed
ratio. Therefore the 1% purge/feed ratio has notegmiugh gas molecules to

change the C&product purity stream.

6.3.1.1.2 Capture Using Zeolite 13X +desorption pressure 1kPa

As a further technical sensitive analysis capturing using zeolite 13X, with a
desorption pressure of Pa was modelled. Its techhegoromic performance
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needs to compared with the adsorption benchmark model that ukBa 5
desorption pressure. Similarly to the adsorption benchmark model it was
assumed that stage 1 would have forty sections with an average flue gas inlet
flow rate of 491.7kmol/h. Different purge to feed ratio was used in the first
stage to understand its effect on the ,C@urity and recovery. A plot
representing the first stage purity and recovery versus the purge/feed ratio is

shown in Figure 85.

Figure 6-16: Variation of CO2 purity and recovery for different purge to feed ratio in first
stage of the capture unit (zeolite 13X10KPa)

The total cycle time of the first stage was set as 900s, with adsorption and
purge step$aving twice the time to that of desorption and pressurisation. As
mentioned earlier the first stage requirement is to attain a high recoveryof CO
with reasonably good level of GQurity. At purge/feed ratios of 20% and
25%, the recovery of CQOs 91.8% and 94.98% respectively. The purity of
concentrated COstream is less than 55 mol% in both of those ratios. This
could mean an extra third stage requirement to attain finalp€@luct purity

of more than or equal to 95 mol%.
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At 15% purge/feed ratio purity of 0.57 mole fraction COis achievable
with a recovery of only 85.08%. This is the cras®r point at which the purity
and recovery of CQis reasonably good according to Figurd@ Therefore
the product stream, from the first stage represenitti¥g purge/feed ratio, was

used as the feed stream to the second stage 2 of separation

The second stage has a total of twenty three sections each accepting an inlet
flow rate of 337.6 kmol/h with COmole fraction of 0.57. The total cycle time
is set to 60s with adsorption and purge being twice the time of pressurisation
and blowdown in a 4 step Skarstom cycle. The finap @@duct stream from
the stage 2 of the capture unit has got an ultimate purity of 0.95 mole fraction
CQ.. This purity was only achiable with a purge/feed ratio set at 1% in stage
2. The recovery of CQin stage 2 is equal to 72.84%. Therefore the overall
recovery of CQ using a 10 kPa desorption pressure is 61.97%. The mass
balance of the two stages for capturing using a 10 kPapd&sopressure is

shown in Figure €.7.
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Figure 6-17: Mass balance of the two interacting stages for zeolite 13X capture (kBa)

One section of stage 2 produces a,@@duct stream with a flow rate of
147.5 kmol/h; therefore the total flow rate of the Q@oduction is 3392.5
kmol/h (1.47x18kg/h). The CQ product stream is then compressed to attain
an overall pressure of 11 MPa with purity of 0.95 mole fraction.d@is fits
the requirement for stoge of captured Cg) therefore it could be transported

to required destination.

6.3.1.2Application of CO, capture for CPS and TBH using
activated carbonadsorption

6.3.1.2.1 Capture using activated carbon desorption pressure %kPa

Models representing beds with the sorb&@t were modelled to compare

with zeolite 13X. As mentioned earlier AC has a low affinity towards water

moleculeg{Sinnott and Towler, 20Q9At a temperature of 293K and pressure

of 1.23 kPa, the saturated adsorbed amountOf &h activéed carbon is equal
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to 0.253 mol/kglKim et al., ZOOT. Therefore it is assumed that capture using

AC would not requie a dehumidifier in the preapture unitThe flue gas from

the CPS and the TBH will be cooled down tfQ%nd directed towards the
capture unit. Assuming that the water molecules and oxygenbeilbve
similarly to N, in the bed, it is fair to considerkanary gas flue gas consisting

N, and CQ. The flue gas entering the capture unit will have the cortipos

and conditions shown inable 613. Similarto the adsorption benchmark
model the flue gas will be split into forty six sections in the first stage of
capture. In the capture unit for each stage the compressor will pressurise the

flow gas to 11RPabefore it enters the beds.

As understood from thbreakthrough curves the separation using AC is a
fast kinetic separation. This required the total cycle time to be set to a lower
value than the adsorption benchmark model. This will allow the beds to
regenerate after a quick saturation. The total cyohe tfor stage was set as
450s, with the time for the adsorption and purge twice to that of pressurisation

and blowdown.

The effect of purge/feed ratio on purity and recovery of @Cstage 1 is
shown in Figure 4.8. It is clear that the crossver point br high purity and
recovery is at about4% purge/feed ratio. At this purge/feed ratio the purity of
the concentrate@O, streamis less than 55 m&$ of CQ. It is necessary for
the first stage to concentrate the &@eam taa value of more than or equial
amole fractionof 0.55in CQO,. If this is not the case an additional third stage
would be required to get an ultimate £gurity of 95 mol% (to meet storage

specification).
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Figure 6-18: Variation of CO, purity and recovery for different purge to feed ratio in first
stage of the capture unit (activated carbont5 KPa)

The model representing a 10% purge/feed ratio gives a concentrated CO
stream of purity 0.60 mole fraction. The other simulated modeliessethan
0.55 mole fraction C® The product stream from the model representing the
10% purge/feed ratio was chosen as the inlet for stage 2 of the capturing unit.
This meant stage 2 was receiving a concentrateg shi@am with purity of
60%. The recowy of carbon dioxide in the first stage was equal to 73.19%. In
similarity to stage 1, the feed pressure was set to 110 kPa for stage 2. Stage 2
consists of a total of twenty three sections like the adsorption benchmark
model. The total cycle time for sea@® was set as 450s, in which adsorption

and purge was twice the time of blowdown and pressurisation.

The second stage using AC was able to attain a purity of 95 mol% of CO
with a purge/feed ratio of 1%. The recovery of 4®stage 2 is 91.02%. This
mean the overall recovery of C{for the capture unit using AC is equal to

66.62%. The captured G@roduct stream from one section of stage 2 has a
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flow rate of 158.55 kmol/hWith a total of twenty three sections in stage 2 the
total flowrate of the captured carbon dioxide stream leaving the capture unit is
equal to 3646.65 kmol/h (1.58 x y/h). This stream is then sent to the-pre
transport compression unit to reach aafi pressure of 11 MPa with a
temperature of 3 and purity of 0.95 mole fraction GOThis fits the

requirement for transport and storage.

Figure 6-19: Mass balance of the two interacting stages of actited carbon capture (5kPa)

6.3.2Economic evaluation of adsorption on ADSIM for
CPS and TBH

The economy study was conducted for six different scenarios; costing with
zeolite 13X at two different desorption pressures, costing using activated
carbon, and all threabove with complex controls with no intermediate tanks.

The six different cases are summarised in Table/.6The ISBL boundary
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starts after the desulphurisation of flue gas (Figufd)6and is assumed that

the flue gas entering boundary is cleaned offipalates and oxides of sulphur.

The precapture unit within the ISBL boundary varies in dependence of the
sorbent used for capture. The stronger affinity of water molecules towards
zeolite 13X requires a dehumidifier model with inpepture. Cases-B will

include the dehumidifier in economic analysis. This is not required for
activated carbon so can be discarded for cases E and F. The rest of the units

within the ISBL boundary are similar for all six cases.

Table 6-15: Summary of tables representing all six cases analysed for economic study

6.3.2.1CAPEX analysis

CAPEX analysis is calculated using the factorial method mentioned in
Chapter 3. The factorial method represented by equati®nwds used to
calculate lhe installed cost of all equipment in the ISBL boundary. The location
factor and CEPCI index for 2013 are mentioned in Chapter 3 (Tallesn8

3-2).

It was assumed that adsorption is more complex in controls and
instrumentation, than the reference MEApttae model. This is due to the
dynamic nature of adsorption. The adsorption models with intermediate tanks

in between the capture stages (cases A, C and E) are assumed to be 66.7%
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more complex than the MEA benchmark model. The elimination of
intermediatetanks would increase controls and instrumentation complexity.
This is due to interchanging compressors and vacuum pumps to operate with
precision to time lag. Taking this into consideration it is assumed that the
model without intermediate tanks (cases[B,and F) will be 166.7% more
complex than the MEA benchmark model. The complexity of controls and
instrumentation will incur a high cost for capture. This is variation to the

installed cost is included by changing the value équation 33.

6.3.2.1.1 Defining and sizing the dehumidifier unit

Figure 6-20: Pre-capture equipment for capturing using zeolite 13X

Figure 6-21: Pre-capture equipment for capturing usingactivated carbon
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Figures 620 and 621 represents the poapture equipment for zeolite 13X
and activated carbon respectively. Zeolite 13X needs to have a dehumidifier, to
reduce moisture in flue gas to desired levels. There is less information in

literature about desired flue gas humidity level that would have the least

negative effects on carbon dioxide capture on zeolite 13X. Work dqheehy

al. (2008 have looked into capturing carbon dioxide from 95% relative humid

flue gas; the work concludes that high humiditg badetrimental effect on the

capture level. It is mentioned fhy et al. (2008 that about 25% of the bed will

be saturated by water molecules contributing to a lesser working capacity for

carbon dioxide adsorption. In a pHstale experiment conducted |iWang et

al. (2013 that the relative humidity of the flue gas entering the capture unit is

set to less than or equal to 5%. There is no further mention if this level of
humidty was sufficient to have the least detrimental consequence on capturing

carbon dioxide.

The flue gas entering the ISBL boundary has a water content of
approximately 50% relative humidity (Table45in Chapter 4). It is assumed

in this study that the wat content will be reduced to 5% or lower relative

humidity to fall in line with the work conducted Py/ang et al. (2018 A

similar approach tpWVang et al. (2013using temperature swing adsorption

with alumina as a sorbent has been considered as the dehumidifying model.

The layout of the dehumidifying unit with poapture cooling is shown in

Figure 620.|Wang et al. (2018 have used a simple temperature swing

desorption model, using the nitrogen separated in capturéoueigenerate the
beds. In their work they have mentioned the nitrogen used to purge the

dehumidifier beds needs to be heated to a temperature %€.173sing the
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isotherms presented [Berbezov (2003on adsorption equilibria of water on

activated alumina, the working capacity of the sorbent was estimated to be 0.04
kmol/kg. This working capacity is achievable with an adSorptemperature

of 25°C and a desorption temperature of 475

The flue gas from the desulphurisation unit enters the ISBL boundary at
50°C and atmospheric pressure. It is blown through two heat exchangers to
reduce the temperature to°25 before it erdrs the dehumidifying blower. The

dehumidifying blower blows the flue gas to elevate its pressure 110 kPa.

The flue gas entering the dehumidifying beds has a molar flow of
2.389x1G kmol/h of which 5% is water. To achieve a relative humidity of 5%
in thedehumidified flue gas, the dehumidifier should capture 1020.65 kmol of
water per hour. The dehumidifier has got six beds undergoing two steps;
adsorption and purge with heated nitrogen. Three beds are in adsorption phase
for thirty minutes while the othdhree regenerate and cool down. It is also
assumed that the adsorption of water on alumina is isothermal. Using these
assumptions of how the beds are operating the working mass of alumina can be
calculated for each bed to be 4252.71 kg. The size of theviesicalculated to
accommodate the required mass of alumina. Similarly to the beds within the
capture unit the beds within the dehumidification unit were set to have a height
of 1m with a diameter to represent the required volume. The dehumidified flue
gas from the alumina beds is then sent into the capture unit for adsorption of
carbon dioxide. The nitrogen heater showed in Figut® Heats a continuous
flow of nitrogen stream from the capture unit. The flow rate of nitrogen used to

purge the dehumidifyig beds is assumed to be 10% of the flow rate of flue gas

153



entering the dehumidifying unit; therefore the nitrogen heater which is
modelled as boiler uses steam to heat nitrogen, flowing at 2389kmol/h, from

25°C to 175C.

6.3.2.1.2 CAPEX for all six cases
With the alove definitions for the six different cases the installed CAPEX

of all equipment within the ISBL boundary was calculated. The factorial
method using equation-3 was used to calculate the individual unit cost and

overall installed cost. The price of zeelit3Xis $5/kg of sorbent referenced

from|Ho et al. (2008p and the price of alumina is assumed to be $20/kg.

Activated carbon price is referenced friofiao (2013 as $1.8/kg.
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Table 6-16: Capital investment for all units within the IBSL for cases AF

In similarity to the MEA benchmark model the life span of all the units within
the ISBL boundary is assumed to be 30 years. Thenk&limentioned in
equation 34 was calculated for all six cases with an interest rate of 10%, and is

summarised in Table-67.
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Table 6-17: Annual fixed capital investment for all six cases

6.3.2.20PEX analysis

In similarity to the MEA benchmark the operational hours per annum was
set at 8000 to ensure more than 90% operation per year. The total operating

cost (TOC) per annum is a summation of the fixed operational cost (FOC) and

the variable operational cost (VOC) asntiened in Chapter $Sinnott and

Towler, 2009Karimi et al., 2011

6.3.2.2.1 Fixed operating cost (FOC)
The breakdown of the factors contributing to FOC is detailed in Chapter 3

(Table 33). For capture using adsorption the overall FOCiendreakdown is

summarised in Table-B8 for cases A-.

Table 6-18: Fixed operating costs forcases AF

6.3.2.2.2 Variable operating cost (VOC)
A total of five shift positions are assumed to be required to operate th

plant, similarly to the benchmark model using MEA. A shift position costs
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$60,000 per annum according$mnott and Towler (20Q9therefore the total

cost of labour is equal 0.3 million dollars per annum.

The VOC is madeup of the following individual costs for the models

representing adsorption using zeolite 13X and activated carbon

x Degradation of sorbent

x Electricity cost

x Cooling water cost

X Waste to landfill cost

X Alumina recycling cost (only for cases®)

x Steam for nitogen heater (only for casesE&

The sorbent zeolite 13X used for capture has a life time of 5 years as

mentioned byXiao (2013 A thirty year lifetime capture unit would have six

changes of sorbent in its lifetime. The lifetime of activated carbon is also five

years as mentioned pPyiao (2013. Approximately 792.57 tonnes of zeolite

13X and 732.5 tores of activated carbon are used in the two stages of the
capture unit. With the assumption of six changes for thirty years; cost of zeolite
13X per annum is $M 0.79 and cost of activated carbon per annum is $M 0.26.

The price of zeolite 13X used is $5/&gd activated carbon is used as $1.8/kg

Ho et al., 2008'r><ia0, 2013.

The breakdown of electricity usage throughout the ISBL boundary for
cases AF is mentioned in Table-69. Equation &4 was used to calculate the
electricity consumed by the blower and vacuum pump. With annual operational

hous of 8000, the total kwh of electricity usage and its reference cost was
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calculated for each case. Assuming that electricity is purchased from the

wholesale market at a price of $0.07/kWh, the cost of electricity for all four

cases were calculatd8innott and Towler, 2009 Cases A and B has a total

electricity cost of $M 31.35 per annum. Cases C and D has total electricity cost
of $M 25.97 per annum. Cases E and F has a total electricity cost $M 26.07 per

annum

Table 6-19: Electricity usage breakdown throughout the ISBL boundary for cases A~

The cost of cooling water treatment and makeup is assumed to be $0.0042

per tonne of water with reference [Binnott and Towler (2099 The

breakdown of water circulation within the units is mentioned in TakH@.6
The cost for coolig water for all cases A and B wealculated to be $M 0.11.

The cost of cooling water for cas GF wascalculated to be $N).09.
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Table 6-20: Cooling water circulation throughout the ISBL boundary for cases AF

As mentioned earlier about the life time of zeolite 13X and activated
carbon to be 5 years. The end of life sorbent would be required to be sent to
landfill once every five years. The total consumption of sorbent within the

capture unit is 792.57 tonne$ peolite 13X and 732.5 tonnes of activated

carbon respectively. The cost to landfill mentioned/Signott and Towlef

(2009 is $50/tonne. The cost to landfill the end of life zeolite 13X is $7900 per

annum (for cases -®). Smilarly the cost to landfill the expired activated

carbon is $7300 per annum (for cases)E

The alumina used in the dehumidifier beds for zeolite 13X models is assumed
to have a lifetime of 5 years. After five years the alumina is recycled at a cost
of $10/kg. The total amount of alumina used in the dehumidifier beds is 25.51
tonnes. Therefore recycling alumina would cost $M 0.05 per annum (for cases

A-D).

Steam at 18 and pressure of 1 MPa is used to heat the nitrogen that is
used to purge the dehurfidr beds. 5083 kg/h of steam at the above
conditions is required to heat the purging nitrogen stream fré@ 26175C.

For a year the total steam used by the nitrogen heater is 40664 tonnes. The

price of steam at the conditions required is assumed $§18.5/tonne using the
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information given bySinnott and Towler (20Q9 The total cost of steam per

annum is calculated to be $M 0.55 (for caseld)A

The breakdown of all the individual operating cost contributing towards

VOC is summarised in Table®l.

Table 6-21: Individual variable operating cost within ISBL cases AF

The total operating cost (TOC) per annum for all six cases as a summation of

FOC and VOC is summarised Trable 622.

Table 6-22: Total operating cost per annum for all cases A~

6.3.2.3Cost of capturing CO, xadsorption models

The total annual capture cost (TACC) is a summation of total operating
cost (TOC) and annudixed instalment cost (FlGnua). For cases A the

summary of TACC is highlighted in Tablex3.
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Table 6-23: Total annual capture cost for all cases A~

The amount of carbon dioxide captured for each dapends on the purity and
flow rate of the captured stream leaving the compression unit. The results
obtained from the technical analysis were used to obtain the amount of carbon

dioxide captured for all six cases. It is summarised in Tal2lké. 6

Table 6-24: Amount of carbon dioxide capture for all cases (AF)

Using equation & the cost of capturing carbon dioxide can be calculated. The
cost of carbon dioxide captured for all six cased=JAs representetoh Table

6-25.

Table 6-25: Cost of carbon dioxide captured for all cases (4&)
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The cost of carbon dioxide avoided explained in Chapter 3, would be a
better representation of the economic results to compatte published
literature. Similarly to the MEA benchmark model indirect emissions from
electricity and steam consumed will only be used. Other emissions from
consumables such as cooling water and waste disposal are excluded. This
assumption is based onethfact that steam and electricity are largest

contributors for the variable costs.

The emissions for generating steam and electricity are 0.213Kg@Q), and

0.491kgCQ/kWh, respectively as obtained frofPECC, 201). Using these

values the net carbon dioxide captured for each case was calculated. The

results are shown in Table2.

Table 6-26: Net CO, captured for all cases (AF)

With the net carbon dioxide captured calculated. The cost of carbon dioxide
avoidance can be calculated using equatidn Bhe results are shown below in

Table 627.

Table 6-27: Cost of carbon dioxide avoided for all cases (#)
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To compare the results obtained with published literature data, the cost needs
to be amended to include the desulphurisation unit. In Chapter 5 the

GHV X0 SKXU L VristaledRIQBLXCAPEXY &hd LOPEX were estimated

using the work done bpSingh et al. (2008 A similar approach was used for

models using adsorption. The amended costirfoluding a desulphurisation

unit is summarised in TableZB.

Table 6-28: Amended cost of carbon dioxide avoided for all cases with inclusion of the

desulphurisation unit (A-F)

There are only few published works available that has analysed techno
economically the possibilities of applying large scale capture using adsorption.

Most of the work is either labcale or pilot scale study, with no economic

analysis/Ho et al. (208 have analysed capturing carbon dioxide using

vacuum swing adsorption from flue gas of a coal fired power plant. The author
concluded the cost of avoidance is $56/tonne of &0Oided. The author used

zeolite 13X as the sorbent. The cost of capisif@igher than case A and B in

this study. It is mentioned hyHo et al. (2008p that the high cost was

contributed from the postapture compression. The work done|lby et al.

(2008h was only able to achieve a carbon dioxide purity of 48%e. This

increased the presence of other gaseous molecules in the final product stream.

Therefore a large volume of gas needed to be compressed by tloapose

compressors leading to a higher c1cb(31ramochi et al. (20]T2have mentioned
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in their work that cpturing carbon dioxide using vacuum swing adsorption
from the top gas recycling blast furnace costs approximately $53/tonne,of CO
avoided. This is quoted from the work done by ULCOS. Top gas recycling
blast furnace uses a complex process involving flue agoling before pre

capture and cryogenic separation in the final stage to reach required purity

Meijer et al., 200p Therefore the process varies and is more complex than the

one proposed in this study.

Overall it can be concluded that the results obtained in this study are
similar to other pubfihed literate mentioned above. The cost of, C&pture
using adsorption needs to be compared with the results obtained for amine

scrubbing. The next chapteill consider this
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7/ Discussion on Performance of Models
This chapter will look into the modetseated in HYSYS and ADSIM and

comment on its performance in a discursive way.

7.1 Chemical Absorption Model on HYSYS

Chemical absorption is currently the most mature technology for carbon
capture As a benchmark study, capturing using MEA chemical absorptas

modelled. The initial model created on Aspen HYSYS was compared with the

work done byTobiesen et al. (2097 The important design factors; GO

recovery, CQ production rate and steam consumption in the reboiler were
comparedThe modein HYSYS showed 0.13% and 0.02% less,C€xovery

and production respectively. Steam consumption in the HYSYS model was

showing an increas#f 4.77% when compared with the work|®bbiesen et al.

(2007). Further investigation showed thahe model in HYSYS had a

comparatively lower temperature for the £@ch solvent stream from the

absorber columnThis meant thathe work byTobiesen et al. (20Q7had a

comparatively higher temperature fdhe feed to regenerator column
Therefore rducing the duty of the reboiler, this showed 4.77% less steam

consumptiorthanthatof the model created n HYSYS.

The heat of absorption in the absorber column was investigated by

replicating a calorimeter experiment in HYSYS. The reswise compared

with the work oflfKim and Svendsen (20p7The results showed that the

equilibrium model in HYSYS was able to accurately display the heat of
adsorption for solvent loadings below Ongol COJ/mol MEA. At solvent

loadings higheto this value the saturation point is reachethd the heat of
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absorption decreases quicklyhis phenomenon was not displayed in HYSYS.
Therefore it was concluded that the lean loading ofatiieoussolventfed to

the absorber column should below 05 mol CG/mol MEA.

7.1.1Performance analysis of MEA scrubbing model

for the steel mll
The model created in ASPEN HYSYS was modified to represent the

studied steel mill. The percentage breakdown of the variable mpeiatosts

Is shown in Figure-4. The largst variable operation cost is for the steam used
in the reboiler to strip the MEA from the carbamate formed. This endothermic
process involves high energy consumption and contributes to 61% of total
variable operation cost. Electricity usage throughow tBBL boundary
contributes 27% of variable operation cost and is the second largest. The
compression unit uses the most electricity when compared to two units (capture
and precapture). A series of compressors followed by a pump is required to
achievethetransport standard carbon dioxide product stream. The compressors
and the pump in the compression unit use approximately 88% of the total
electricity. A breakdown of the percentage eletr usage is shown in Figure

7-2.
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Figure 7-1: Breakdown of MEA benchmark model variable operation cost per annum (VOC

total = $M 41.08)

Figure 7-2: Breakdown of MEA benchmark electricity usage per annum (Total electricity
usage = $M 10.9)
It is necessary for the model to represent accurately the steam consumption
in the reboiler because this contributes the largest variable operational cost.

There are few published studies available on capturing f@&@n steel mill

conditions using chemical absorptigArasto et al. (2018used rate based
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chemical absorption in their studgnd investigated capturing from anhiause

power station in a steel milThe MEA benchmark study in this research is

similar to the work O[Arasto et al. (2013 but has used equilibrium based

separation and has considered a larger flow rate of flueDghsrstudieshave

investigated capturing from coal and natural gas fired power glabntsZahra

et al., 2007gHamborg et al., 2034 The reboiler duty from this studwas

compared with published ressiland is illustrated in Table-X. The reboiler
duty calculated byAspen HYSYS as part of this study within the range of
published data, and therefore the operational cost can be consideredte

for conditions modelled.

Table 7-1: Comparison of reboiler duty of MEA benchmark model with other published work

The breakdown of capital instalment cost for MEA benchmark model is
shown in Figurer-3. It is clear that about 48% of the instalment cost is from
the final phase of the process; the compression unit. The transport by pipeline

standard requirement of carbon dioxide mentioned in literature is a liquefied

phase of pressure 1.10 x°¥Pa (Baldwin, 2009[Karimi et al., 201} The

postcapturecompressinginit consiss an initial stagefor compressing carbon

dioxide to above its critical pressuand another stage fgoumping the
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liquefied carbon dioxide to 1.10 x 1RPa. This is achieved by a series of
compressors and pumps. It was seen earlier that the compression unit uses the
largest percentage of the electricity consumealsh ras the largest percentage

of installed cost due to it having many compressors, cooletspamps to

achieve the final standard of carbon dioxide for transport by pipeline.

The absorber and regenerator column contribute to about 26% of total
installed cost; of which the absorber column is more expensive due to its larger

size and more packing.his pattern has been observed by other studies on

chemical absorptioTSingh et al., ZOOTAbu-Zahra et al., 2004aCosting of

the other equiment (heat exchangers, pumps and blowers), make up
approximately 22% of the total installed cost. Make up tanks and raw materials

required for startp is approximately 4% of total installed cost.

Figure 7-3: Breakdown of installed capital cost for MEA benchmark model (Total installed

cost =$M 64.34)

Table 72 shows a comparison of installed cost for this study with the study

done bySingh et al. (2003 Singh et al. (2008have considered auxiliary units
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and sulphur dioxide removal unit in their study. These have been excluded to

match this study. The total canb dioxide captured for the studgne bySingh

et al. (2003 is 2.41 Mtonnes/year, and is 40% more carbon dioxide captured

than thg research studyTo normalise the scale of installed with the amount of
CO, captured, installed cost per tonne of carbon dioxide captured per annum
was calculated. This allows comparinfjthe installed cost of studies with

different capacity. The redsl of installed cost for this study is less by

approximately 3% when compared to the wonlSofgh et al. (2003

Table 7-2: Comparison of ISBL installed cost of MEA benchmark model with published

literature

In addition to installed ISBL (Inside Battery Limit) cost shown in Figure 7
3, the (OSBL) outside boundary limit and contingency charges needs to be
included to calulate the fixed capital investment as explained in Chapter 3.

There is a discrepancy of hothe OSBL cost and contingency charge is

calculated{Singh et al. (2008 have mentioned that the total OSBL and

contingency charges are equal to approximately 45% of the installed ISBL

cost|Sinnott and Towler (2099 have mentioned that OSBL and contingency

is equal to 82% of total installed ISBL cost is the technology is uncertain. This
research has assumed that the total OSBL and contingency charge is equal 60%

of the ISBL installed cost. The normalised overalketixcapital investment in
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terms of amount of carbon dioxide captured per annum compargd@wwgh et

al. (2003 is shown in Table-B.

Table 7-3: Comparison of FCI cost of MEA benchmark model with published literature

The overall cost of carbon dioxide avoidance for this research was
compared with other values in published literature and is within the range of
capturedcost as shown in Chapter 5. The overall cost of carbon dioxide
avoidance for this study was calculated as $44.92/tonng W@tBout the
desulphurisation unit. As seen earlier, a large percentage of this cost is from
the installation and operation of thengoression unit. If the captured carbon
dioxide can be utilised esite, the compression for transport/storage can be
eliminated. There are different ways in which the captured carbon dioxide can
be utilised orsite. Carbon dioxide mitigation by mineral rbanation and

micro-algae farming have been mentioned as two promising methods for

industries such as steel makifidetz et al., ZOOF If the captured carbon

dioxide can be utilised in these methods, the overall camtosé can be

reduced.

Another large contribution for the overall cost is from the steam consumed
in the reboiler of the regenerator. Using advanced solvent that has a lower

regeneration energy requirement would enable reduction in steam usage.

Arasto et al. (201Bnhave considered an advanced solyetich requires steam
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energy at 2.7 MJ/kg of CQand noiced less steam usage for carbon dioxide

recovery. A more advanced future model could use a solvent that uses a

significantly lower temperature for regeneration than MB&asto et al

(2013 have used a hypothetical solvent that regenerates at a temperature of

70°C. This would be advantageous for the steel industry, because waste heat

streams within stéenaking could be used for regeneration of the solvent.

Other possible measures to reduce cost of capture could be applied to the
absorption and desorption columns. The columns are gaelth stainless
steel packing, because thfe corrosive nature of the MEA solvent. Using less

corrosive solvent would enable cheaper packing to be used and reduce overall

cost|Abu-Zahra et al. (200Fdnave identified this in their work

7.2 Adsorption Model on ADSIM

The models creatk in Aspen ADSIM (previously known as ASPEN

Adsorption)to represent capture using vacuum swing adsorption (VSA) were

assumed isothermal. Similar assumption have been mTHe By al. (2008

when modelling a techreconomic study for a large ale carbon dioxide

capture study. The initial task in this study was to investigate equilibrium and
kinetic parameters for adsorption for the two sorbents zeolite 13X and
activated carbon. Breakthrough curves were modelled in Aspen ADSIM, for

the two sorbets, to validate the parameters used. The results were compared

with published literature ¢Shen et al. (20)1andWang et al. (2011b The

results showed that the breakthrough curves from AD&vkeed a the bed
saturation point. The saturation point in the bed is when the breakthrough curve

starts to show a variatn to the CQ@ mole fraction in the decarbonised gas.
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After the bed saturation point, the breakthrough curves differed in terms of
steepness and the tiretapsedor the full saturation othe bed. It was noted
that the isothermal assumption, complex diffitg and different formsof the
equilibrium equation are the causes for the discrepancy in the breakthrough
curves. It was also not that the nature of this study is investigating cyclic bulk
CO, separation. For bulk cyclic separation the beds will ge¢rrerated as
soon as it reaches its saturation point, therefore the models in ADSIM are

sufficient for this study.

The models created in Aspen ADSIM were then scaled up to investigate its
performance in comparison with other lab scale cyclic process. Lab scale 4 step

Skarstom cyclic process were mimicked in Aspen ADSIM with reference to

the studies of|Shen et al. (2012and Wang et al. (2013aADSIM models

showed an increase in purity and recovery of,@@en compared with the

resuls of[Shen et al. (2011and Wang et al. (2019a It was noted that

isothermal assumption and not using puret® purge in ADSIM were the

reason for the discrepancy.

The labs scale 4 step Skarstom cycle model was then scaled up to model

CO, capturefrom the studied steel mill.

7.2.1Performance analysis of adsorption for the steel

mill
As part of this study, the two adsorbents zeolite 13X and activated carbon were
modelled to capture the emission form the referenced steel mill. To achieve
high purity in tke final carbon dioxide product stream, there was a requirement

to have more than one stage of separation. This required intermediate tanks
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between the stages to control a steady a flow. As a further investigation,
models were created excluding the interratd tanks. These models were
assumed to be 60% more complex in controls of the valves connected to the
flue gas compressor and the vacuum pump, therefore having a higher installed
capital expenditure. Overall six different cases were modelled and ahalyse

techneeconomically.

The overall percentage breakdown of the variable operating cost of the six
cases is illustrated in Figure4? It can be seen that in all six cases the largest
contributor for the variable operating cost is electricity. Electrioiigtgbutes
to more than 94% in all cases. Steam and alumina recycling cost are applicable
for the cases using zeolite 13X only. They are used in the dehumidifier unit
before capture for cases with zeolite 13X. Solvent loss and degradation is the
second lagest contributor for the overall variable operating cost. The price of
zeolite 13X is more expensive than activated carbon; therefore sorbent
replacement is more expensive. This variation in prices is showing that the
models using zeolite 13X has a higlserbent replacement cost than activated
carbon. Other costs like waste to landfill and cooling water are small for both

sorbents.
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Figure 7-4: Percentage breakdown of variable operating cost per annum for btases (AF)

Figure 7-5: Percentage breakdown of electricity usage per annum within ISBL boundary for
all cases (AF)

To understand the breakdown of the electricity usage within the ISBL
boundary a percentage breakdown of electricity usage was plotted for all cases.
The results are illustrated in Figuréc7 Vacuum pumps in the capture unit are
the largest users of elecity; approximately 5%62% of electricity is
consumed by the vacuum pumps in all six cases. This is the result of achieving
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low vacuum pressures during regenerations of the beds. The feed gas
compressors within the capture unit use comparatively lessieiy than the
vacuum pumps. The pressure ratios in which the feed gas compressors and the
vacuum are operating defines the amount of electricity consumed. All cases
have been modelled as vacuum swing adsorption; therefore the feed gas is
compressed jusabove atmospheric pressure. In the models simulated the feed
gas was compressed to a pressure of 110 kPa, therefore the pressure ratio is
approximately 1.2: 1. The regeneration pressures varied for different cases; for
cases A, B, E and F the pressureswat at 5 kPa and for the cases C and D the
pressure was set at 10 kPa. The pressure ratios were approximately 20: 1 and

10: 1 for 5kPA and 10kPa respectively. To achieve these high pressure ratios a

high amount of electricity is consumed in the vacuwmps{Ho et al. (2008p

andWang et al. (201)8have identified this in their studies. Working in low

vacuum pressures to increase purity and recovetheiicarbon dioxide product

stream has a traddf of a higher consumption of electricity.

To understand the power consumed by the feed gas compressors and
vacuum pumps the specific power was calculated for capturing carbon dioxide.

The specific power igiven by the equation-Z. The results are compared with

other published literaturEShen et al., 201RVang et al., 2012a@Vang et al.

2013. The comparison is shown in Tablel7The specific power calculated in

this study is within the range of 66®0kJ/kgCQ. This is similarto the other
works compared in 8ble 74. It is to be noted that the other published works
have considered different cyclic process, involving steps like pressure

equalisation, and rinse. Té® steps are present to reduce energy usage in the
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capture process. The models simulated in this study have not considered
additional energy conserving steps.

Equation 7-1: Specific power consumption (fee@jas compressors + vacuum pumps) for

capturing carbon dioxide

Table 7-4: Comparison of other published work on specific power for capturing carbon

dioxide by adsorption (Z13: zeolite 13X and AC: activated cdyon)

The percentage breakdown of the ISBL installed cost for the six cases (A
F) is illustrated in Figure-6 and Figure 77. It is clear that the overall installed
costs for cases without intermediate tanks are cheaper than their counterpart.
The intemediate tanks were cost estimated as floating roof tanks, and was
assumed that twelve tanks would be required in between the stages for the
models. The tanks contribute to approximately 10% of the total installed cost,
causing models having them to be mexpensive than their counterparts even

when they were modelled with high complexity in controls
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Figure 7-6: Percentage breakdown of ISBL installed cost for cases with intermediate tanks (A,

C and E)

Figure 7-7: Percentage breakdown of ISBL installed cost of cases without intermediate tanks
(B,Dand F)

The largest contribution for the ISBL installed cost is from the compressors
and vacuum pumps in the ptare unit. The large flow rate of the flue gas
required to be compressed by the compressors, and the high pressure ratio set
to be achieved by vacuum pumps require an expensive installed cost. It
contributes to approximately 8% of the total installedost. In similar to the

electricity usage, the total installed cost is largely contributed by vacuum
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pumps. The postapture compression unit is the second largest contributor to
the total installed cost. It contributes approximately32% of the total
installed cost. The final carbon dioxide product is required to be compressed to
1.1 x 10 kPa for transport by pipelines and therefore requires a series of
compressors and pumps to achieve this. The installed cost of vacuum pumps is
more expensive than fegds compressors, because of the high pressure ratio it
works on. The cost of beds and sorbents in the capture unit are relatively less
when compared tocompressors and vacuum pumps. It contributes to
approximately 811% of the total installed cost. Other costs from the
dehumidifier and preapture unit contribute to approximatelyl8% of the

total ISBL installed cost.

The need to work at very low vacuuto achieve desired purity and
recovery of carbon dioxide is consuming a lot of electricity and requires a high
capital investment. The equilibrium properties of the sorbent especially zeolite
13X requires regeneration at lower pressures. Working at higheuum
reduces the overall recovery of carbon dioxide as seen from models using 10
kPa desorption pressure. With the decrease in overall recovery the specific
power consumed by the compressors and vacuum pump increases, therefore

increasing the cost of pture. This can be seén Table 74.

7.3 Comparison of Chemical Absorption and

Adsorption
The performance of capturing carbon dioxide by adsorption, for the six

different cases, is compared with the benchmark model using MEA absorption.

The results are sumnmsed in Table 5.
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Table 7-5: Technical and economic performance of capturing absorption using absorption and

adsorption

It is clear that all cases {R) are able to achieve the required purity for

transportby pipelines which >95°/1Karimi et al., 201L The recovery of

carbon dioxide differs for each case and it can be seen that cases A & B are the
only models able to achieve a recovefynwre than 80%. The models using
activated carbon and a desorption pressure of 5 kPa (E and F) are only able to
achieve an overall recovery of 67%. The modejgagenting capture with a
vacuum pressure of 10 kPa using sorbent zeolite 13X is the waestauery

when compared with the other cases. It only recovers approximately 62% of
carbon dioxide. The comparison of the overall recovery of carbmxiddi is
illustrated in kgure 78. In a technical perspective the MEA benchmark model

is the best perforer, it achieves the highest purity with a recovery of

approximately 86%.

180



Figure 7-8: CO, recovery comparison of MEA model and adsorption models (A)

The cost of capturing carbon dioxide is the lowestlierMEA benchmark
model. Capturing usingj0 kParegenerating pressuig the most expensive of
all, because of the lIouCO, recovery. Capturing using zeolite 13X with a
desorption pressure ofi#ais the least costly of the cases representing capture
using adsorption. The higher recovery of carbon dioxide using zeolite 13X is
reducing the overall capture cost when compared to activated carbon. Overall
capturing using complex controls without inteate tanks is cheaper than its

counterpart.
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Figure 7-9: Comparison of carbon dioxide capture costs for all models

Even though the costs of carbon dioxide capture using adsorption is not
economically favotable according to Figure-9. It is necessary to understand
the cost of carbon dioxide avoidance to evaluate the overall economic
performance. Consuming carbon emitting utilities and resources during capture
process reduces the net carbon dioxide capturadg will have an overall
increased cost for carbon dioxide reduction. The overall cost of carbon

emission avoidance for all models is illustrated in Figui®.7

It is clear that the when considering the cost of carbon dioxide avoidance the
benchmarkmodel is comparably similar to cases A, B E and F. Assessing the
cost of carbon dioxide avoidance shows that case B is approximately 0.04%
cheaper that benchmark model. Cases A, E and F are approximatdél$%.0
more expensive than the benchmark case.rélag¢ive increase in cost of GO
avoidance for the benchmark model is due to its emissions from using utilities.

The reboiler in the MEA benchmark model uses a large volume of steam,
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therefore contributing a high indirect emission for capture. This redheenet
carbon dioxide captured and therefore increases the cost of avoidance. The
overall net carbon dioxide captured with breakdown of indirect emissions is

shown in Figure 711.

Figure 7-10: Comparison of cost of carbon capture vs. cost of carbon avoidance

Figure 7-11: Net carbon dioxide emission for all models with breakdown of indirect emissions.
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8 Conclusion and Recommendation of
Future Work

8.1 Overview

The iron and steel industry contributes approximately 30% of, CO
industrial direct emissions. It is approximated that a tonne of steel produce
from raw materials emit 2.2 tonne of @@limate change due to the increase
of CQO; in the atmosphere has cadsgs to rethink and remodel the way we
live in this world. Actions are needed and are being applied to tackle climate
FKDQJH 7KH VWHHO LQGXVWU\ LV VHW DFKLHYH D

emission levels by the year 2050.

TATA Steel collaborated ith Nottingham University to research on
applying CQ capture in parallel to steel making. &€pture is considered as
one of the important C{mitigation technology that can be used to decarbonise
not only the steel industry, but also to the power seamtor other industries.
This EngD degree was set to look at the technical perspective of applying CO
capture for an existing steel mill. An economic performance analysis was also
required as part of this research to understand the tesfommmic feasiblyf

the carbon capture for the steel mill.

8.1.1The objectives set to achieve in this study

The ultimate outcome to be achieved through this research was an
understanding the feasibility of G@apture for an integrated steel mill. This

required the following list of targets as part of this study:
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X Understand steelmaking and its different point sources of CO

emissions

X Investigate C@emissions from the steel mill, which will be used

as part oftis research

X Propose separation technologies that are suitable for the

conditions of the steel mill

x Process model the GCcapture technology to understand its

technical feasibility

X Apply an economic analysis to get the overall picture of the

feasibility of CO, capture for the steel mill

8.2 Conclusions from CQ, Mapping the Steel
Mill
After examining the steel mill chosen for this research, it was clear that
there were many point sous®f CO, emissions within the mill. The GO
concentration and other conditions varied from one point to the other. The
emissions weré&om different processes within treeelmill, which processed

raw materialand produced steel

It was understood that the work arising ga@¥#Gs) were usedas afuel
at different units in the steel miWAGs are the process arising gases from
different units, such as coke ovens and blast furridee steel mill studied had
a power station and blower house, in close proxirhiat used the WA& as

fuel. A CQO, mapping concluded that if post combustion capture can be applied
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after the power station and the blower hqugmoroximately 44% of COcan

be recovered. Therefore the conditions and compositions of the flue gas arising
from these units in the steel mill weaealysed. The C{concentration in the

flue gas from these units has a g@ncentratiorbetween 2325 vol%. Using

the CQ concentration informatioand aliterature survey on different capture
technologies, it was concludetthat technologies such as adgtion and
membrane would be suitable for these conditions. Given that the membrane
technology is in very early stage of development, adsorption was chosen as a
better choice for the conditions of the steel mill. In additioradsorption

amine chemicahbsorption was also investigatedadsenchmark study because

of its maturity.

8.3 Conclusions from Process Modelling

The two technologies, chemical absorption and physical absorption were
modelled in HYSYS and ADSIM respectively. The models were techno

econanically assessed for conditions relating to the steel mill

8.3.1Chemical absorption on HYSYS
The initial step taken towards modelling £€€apture using HYSYS was to

create a model and validate it. A model representing work by SINTEF that
looked at capturing COfrom the blast furnace top gas was recreated in
HYSYS. The HYSYS model used -Mather thermodynamic model to
represent vapotrquid equilibrium for the amine systems. SINTEF used their
own software that was proven with their pilot scale work; detaiteeiapour

liquid equilibrium were not given.
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It was concluded from the comparison study that HYSYS is able to
represent C@ separation using MEA. There was a discrepancy in heat of
absorption in the absorber column. After further investigating the heat of
absorption discrepangyit was concluded thathe HYSYS model was
representing heat of absorption for loading conditiohkessthan or equal to
0.5mole CO,/mole MEA. In the models created in HYSYS it was ensured that

this was followed.

After completingthe validation of the model in HYSYS, a scaled up model
to study CQ absorptionfor the steel mill was createdhe results obtained
showeda capture o85% or moreCQO, was achievable. In addition to this the
final CO, product purity was above 980le%. This was promising because the
final product was meeting the transport requirement.rébeiler duty was also

agreeingwith published literature

8.3.2Physical adsorption on ADSIM
Unlike to HYSYS, ADSIM is not fully developed. It has not got a library

for sorbent and sorbate properties. This required investigating parameters and
coefficients defining the adsorption process of ,Gidto the sorbent. The
isotherm parameters and mass transfer coefficient were obtained by using

published literature.

After cdculating the parameters required, a simple model in ADSIM was
used to model a breakthrough study. This was to validate the accuracy of the
parameters calculated. Breakthrough analysis was conducted for sorbents,

zeolite 13X and activated carbon.
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The moded in ADSIM were further developed to investigate lab scale

adsorption for both sorbents (activated carbon and zeolite 13X).

Finally it was concluded that the adsorption of Qto zeolite 13X and
activated carbon can be represented by extended Langquatian and the

linear driving force model can be used for mass transfer.

Full scale adsorption for the central power station and the turbo blower

house was modelled in ADSIM for different conditions
X Adsorption onto zeolite 13X with a desorption presstife kiPa
X Adsorption onto zeolite 13X with a desorption pressure of 10 kPa.

X Adsorption onto activated carbon with a desorption pressure of 5

kPa

All three models required two stages of separation, in which the first stage
involved concentratinghe product seam withCO,. The second stage was
required toachieve a purity o®5 mol% or more. The results showed that
zeolite 13X was able to achiev@ mol% purity and a recovery of more than
80%. The other models weerble to achieve a purity 86 mol% but did not
perform well with CQ recovery. They wererdy able to attain a C{recovery

within 60-70%.

8.4 Conclusions from Economic Analysis

The economic analysis was conducted for all models using the factorial
method. The cost of COcapture and the cost of GQavoidance were

calculated. For the models using adsorption, counterpart models without
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intermediate tanks between the sections were analysed. It was assumed that the
controls and instrumentations were more expensive for models that had no
tanks in betweentages. Overall the models without tanks were cheaper than
their counter parts, because installing tanks were more expensive than to have a

complex controls system.

MEA scrubbing and zeolite 13X with 5kPa desorption were concluded to
be cheapest of all. ivas calculated that the cost of £@voidance for the
MEA scrubbing model was approximately $44.92/tonne 0$.O®e cheapest
adsorption model using zeolite 13X added up to $44.90/tonne oT@Oprice
of CO; is highfor the MEA model, because it comailarge amount ohdirect
CO, emissionfrom using a large volumef steam in the reboiler. It was
concluded that CQavoidance is a better costing parameter to investigate the

real price of C@mitigation.

It can be concluded that at these prices C&jture for the steel mill does
look attractive, because of the significantly low carbon price in the emission
trading system (ETS). A detailed analysis of the ETS needs to be studied to
understangwhen a carbon capture unit with a cost of capture mentiabede

will be economically beneficial to the company.

8.5 Recommendation for Future Work

Two stages were required for adsorption models because ofadity to
reach purity of more than 95 mol% ¢@ the first stage. Having two stages of
separation is expensive in both CAPEX and OPEX. If we can limit the
separation for one stage adsorption, the cost of &2Pture could be reduced.

The following alterations might allow us to use one stage of samara
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X Use oxycombustion for the boilers in CPH and TBH, therefore
Increasing partial pressure of ¢ the flue so high purity of CO

can be achieved with one stage

X Use a hypothetical organic solvent as the purge gas, and condense
the solvent afteobtaining the C@ product streanfrom the bed

Purging with N decreases purity in the G@roduct stream.

X Using a hypothetical sorbent witlhhhigh working capacity ana
high CO,/N; selectivity would ensure a high recovery in each bed.

Therefore a secorgtage would not be required.
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Appendix A

Table A-1: Comparison of change in enthalpy during CQ absorption with published experimental

results and Aspen HYSYS (in reference to Figure-B)

Table A-2: Pre-capture units of MEA scrubbing costing parameterg(in reference to Table 58)
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Table A-3: Capture unit of MEA scrubbing costing parameters (in reference to Table B)
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Table A-4: Post capture compression unit for MEA scrubbing costing parameterén reference to

Table 58
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Table A-5: CEPCI index used in estimating sizing of the desulphurisation unit (in reference to

Table 513)

Table A-6: Location factor used for sizing of desulphurisation unit (in reference to Table-33)

Table A-7: Variable operation cost calculation for the desulphurisatiorunit (in reference to Table

5-13)
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Appendix B

Table B-1: Pre-capture unit costing for adsorption (cases A) (in reference to Table6-16)
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Table B-2: Capture unit of costing parameters for adsorption models A and B (in reference to

Table 6-16)
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Table B-3: Capture unit of costing parameters for adsorption models C and D (in reference to

Table 6-16)
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Table B-4: Capture unit of costing parameters for adsorption models E and F (in reference to Table

6-16)
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Table B-5: Costing parametersfor compression unit used in adsorption (A and BJin reference to

Table 6-16)
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Table B-6: Costing parameters for compression unit used in adsorption (C and D) (in reference to

Table 6-16)
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Table B-7: Costing parameters for compression unitused in adsorption (E and § (in reference to

Table 6-16)
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